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Separation of Hy from CO; is crucial in industry, since they are the products of water gas shift reaction. In
addition, the demand for pure Hp, as well as the potential reuse of CO, as reactant, are increasing as a conse-
quence of the transition from fossil fuels to decarbonization processes.

In this scenario, this work aims to propose a possible solution to get simultaneously pure Hy and CO», meeting
the world’s requirements in terms of reduction of CO2 emissions and transition to cleaner energy. A simulated
plant combining Pd-based and SAPO-34 membrane modules is able to provide pure Hy, with a final recovery
higher than 97%. In addition, the entire CO; fed to SAPO-34 unit is recovered in the permeate stream, with a
concentration of 97.7%.

A cost analysis shows that feed gas gives a higher contribution than compression, heat exchange and mem-
branes (e.g., 70, 20, 3 and 7% respectively). Net profit and net present value are positive within a specific feed
gas price range (e.g., net profit up to 0.10 and 0.155 $/Nm°®, depending on the labour cost set), showing that the

process can be cost-effective and profitable. Hy purification cost ranges between 2.6 and 7.8 $/kg.

1. Introduction

The critical issues related to the ever-decreasing availability of fossil
fuels and the high CO; emissions require rapid and concrete solutions. In
addition, the continuous increment of population and economic activ-
ities cause a greater energy request, since its consumption grows
incessantly [1]. Currently, it has been estimated that approximatively 36
billion tons of COy per year are generated because of the industrial
processes and the energy consumption [2]. In this context, hydrogen is a
zero-carbon energy vector and an environmentally friendly fuel, which
does not produce CO, when burned, having also a higher energy content
(more than 140 MJ/kg) than other traditional fuels such as natural gas,
diesel, gasoline, methane etc. [3]. A sharp increase of Hy demand in the
last decades has been noticed, passing from 20 Mt. on 1975 to about 70
Mt. on 2018. This has been due especially to its utilization for ammonia
production and refining, with additional 45 Mt. used in mixture for
other applications, such as methanol synthesis, direct reduction ore and
other mixed [4]. Hy demand is predicted to increase up to 500-800 Mt.
by 2050, depending on the scenario involving the replacement of grey
hydrogen by green hydrogen [5]. Nevertheless, producing hydrogen
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renewably still requires important steps forward in terms of cost
reduction and increased efficiency [6]. A recent study shows that about
140 GW of green hydrogen capacity can be achieved by 2050 making the
technology viable [7]. The ambition of the European Hydrogen Strategy
is to install 40 GW of electrolysers by 2030 in order to achieve a pro-
duction of 10 million tonnes of renewable Hj [8]. Green hydrogen from
water electrolysis shows a production cost of about 4-7 $/kg of Hy, even
if a reduction to 1-2 $/kg could be possible in the next decades [9].
Recently, De Castro et al. [10] estimated a levelized cost of hydrogen
comprised between 3.76 and 4.87 $/kg obtained by renewable sources
as solar and wind. Nevertheless, currently, hydrogen is mainly obtained
from fossil fuels, as natural gas and coal, by means steam methane
reforming and gasification process as well [6,11,12]; about 4% comes
from electrolysis only [11]. The main applications are oil refining,
ammonia and methanol synthesis, steel production [13]. However, it
can be also used to power polymer fuel cells and internal combustion
engines or can be injected into the gas grid, all these applications
requiring a high quality of Hy [14].

At the same time, CO, capture and storage represents an effective
solution to limit the global warming due to its emissions. Once that CO,
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is captured, it can become a valuable reactant for production in several
applications (e.g., hydrogenation to methane; dry reforming with
methane to synthesis gas, photocatalysis for production of various
components as CHs, CO, CH30H, formaldehyde, formic acid; electro-
catalytic reduction), as summarized in [15].

Hence, Hy and CO; are two crucial components in the energy tran-
sition and decarbonization processes; in addition, they are the main
components of the gas mixture resulting from water gas shift reaction
and their separation is of great industrial interest. In this context, this
work aims to provide possible solutions to get pure Hy and CO, from
their binary mixture using membrane technology. In particular, Pd-
based membranes are used for Hy purification since they present a
high Hj permeability and theoretically allow an infinite selectivity [16].
Regarding CO3 separation, polymeric membranes are the most adopted
for several reasons (e.g., the low cost and the easy in scale up) even if
they suffer the permeability/selectivity trade-off, which is reported by
Robeson in the revisited upper bound for various gas pairs [17], and
presents other limitations related to plasticization, swelling and aging
[18].

On the other hand, zeolite membranes can offer interesting perfor-
mance in COy/gas separation as recently summarized in various works
[e.g. 19,20,21,22,23], exploiting their strong and preferential adsorp-
tion compared to other species as Hy, CH4, N3 and so on. Their main
limitations are the high cost, especially due to the support, challenges in
reproducibility, scalability etc. [20,24]. To combine the advantages of
organic and inorganic materials, mixed matrix membranes have been
developed, with the perspective to be the future industrial materials for
CO, separation [25].

The aim of the present investigation is to predict the potential of a
large-scale membrane process in Hy/CO» purification, by evaluating its
purification performance (e.g., degree of purity and recovery of each
component) and the economic feasibility, expressed by several param-
eters (e.g., economic potential, net profit and net present value). Two
plant schemes are proposed, both consisting of two kinds of membrane
units installed in series, just exchanging their position: in the first layout,
a SAPO-34 unit is placed first, to treat the feed gas stream after

A)
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compression (Fig. 1, A); in the second scheme, a Pd-based membrane
receives the feed mixture after a preliminary heating (Fig. 1, B). The
high temperature set for the diffusion through the metallic membrane is
chosen to prevent the embrittlement and reduce the inhibition effect due
to COy: these critical issues are widely discussed in the literature [e.g., in
26-30]. Separation and economic assessment of the two schemes are
compared to select the best solution. In particular, the economic analysis
is conducted to identify the cost of individual equipment and utilities
and their impact on the total plant expenses. The influence of feed flow
rate, feed gas price and Hy permeance reduction on the economic po-
tential is also studied. Net profit and net present value are evaluated as
functions of feed gas price to find out the range in which the process is
profitable.

2. Materials and methods

A membrane can be considered as a barrier through which some
species can fast permeate, whereas other ones pass slowly or are blocked
[31]. A schematic view of what happens in a membrane module is given
by Fig. 2. Internally, the feed gas is split into two other streams: the
retentate one, which is enriched by the components with a lower
permeability, and the permeate one, where the more permeable gases
are concentrated. Considering a SAPO-34 membrane, some experiments
related to binary CO,:Hy mixtures taken from literature show a good
selectivity towards CO» [e.g. 32,33]. Hence, the permeate gas results
enriched in COj still containing some H; molecules that can pass
through the membrane pores. Regarding the Pd-based membrane, an
infinite selectivity towards Hj is assumed; hence, the permeate stream
consists of pure hydrogen, whereas a binary mixture concentrated in
CO5, leaves the module as retentate stream. The inhibition effect due to
the presence of COxy is initially not considered; however, an economic
analysis is also carried out halving the H, permeance to take into ac-
count this effect.

Table 1 summarizes the operating conditions and the separation
parameters set in the simulations. It is here assumed to have a feed
stream consisting of a binary CO,/Hy mixture, since they are the main
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Fig. 1. Simplified scheme of the two membrane-based plants for simultaneous CO, and H, purification.
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Fig. 2. Simplified schemes of SAPO-34 and Pd-based membrane modules for
CO4/H; separation.

Table 1

Operating conditions and separation performance of the membrane-based plant.
Permeance of Pd-based membrane is evaluated from the experimental work of
Brunetti et al. [38]. Permeance and selectivity of SAPO-34 are taken from the
experimental data of Mei et al. [32].

Variable Value
Pressure, bar 1
Temperature, °C 25

Feed conditions Flow rate, mol ht! 10,000, 100000

Hj: CO, = 50: 50

Gas composition, % Hy: COp = 75: 25

Feed pressure, bar 20
Temperature, °C 350
Pd-based membrane Permeate pressure, bar 1
H, Permeance, mol m 2 s~ ! pa®® 0.0019
H,/CO, selectivity, — )
Temperature, °C 25
Permeate pressure, bar 1
SAPO-34 CO, Permeance, mol m 2 s~ ! Pa~! 10.0E-7
COy/Hj, selectivity, — 27

components resulting from water gas shift reaction (e.g., about 55% of
Hy and 40% of CO, [34]) and other processes (e.g., the dark fermenta-
tion of biomass to produce biohydrogen with a CO5 concentration of
about 30-40% [35]). However, a further analysis is carried out
considering a Hy/COy ratio of 3, which can be used in Fischer-Tropsch
synthesis [36,37]. The values of permeance and selectivity (i.e., the
ratio between the permeances of two species) are taken from literature
[32,38]. Regarding the Pd-based membrane, Hy permeance at 350 °C is
evaluated from the Arrhenius law, with the parameters estimated in
[38], which are related to a PA—Ag module. A high permeance in the
order of 107 mol m~2 5! Pa®® is estimated, in agreement with other
values that are reported or can be calculated from several experimental
works on Pd and Pd-alloy membranes [e.g. 30,39-43].

The mass balance on the infinitesimal Pd-based module length is
carried out assuming that Hy permeation takes place by Sievert’s law
with a hydrogen partial pressure exponent of 0.5, which states the
dissociation of each molecule into two H atoms able to diffuse in the
metallic layer of the membrane [27,31,44] (Eq. 1). On the other hand,
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this membrane is assumed to be impermeable to CO; (i.e., infinite
selectivity towards Hy): therefore, the entire CO4 fed is concentrated in
the retentate stream. Permeation through a SAPO-34 membrane for the
generic i-th component is evaluated by Eq. 2. In the mass balances,
steady state is assumed, permeance is considered constant along the
membrane length and the possible pressure drops are neglected. These
hypotheses are already validated in other works, in which experiments
and simulation are compared [45,46,47]. In this work, it is assumed that
the scale up from lab to industrial plant does not change the membrane
performance (i.e., permeance and selectivity values): in fact, some
experimental works in the literature show that selective zeolite and Pd-
based membranes can be produced even on a larger scale [e.g. 48-51].
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The economic potential EP is evaluated using the expression reported
by Douglas [52], which takes into account the costs related to the
equipment (i.e., onsite) and utilities (e.g., cooling water, electricity,
compressed steam) (Eq. 3). In this specific case, the onsite term is
referred to the installation cost of compressors, heat exchangers and
membranes. As discussed in [52], the installed equipment cost is higher
than the purchase one, since it takes into account several factors as the
required piping, supports, control instrumentations, insulation etc. In
the case of a compressor, for instance, installation is about 3 times
higher than purchase cost, being about 280-10° and 90-10° $/y (CCF is
set to 1/3 y1), respectively. For compressors and heat exchangers, the
correlation for purchase and installation costs are provided [52];
regarding membrane, this estimation is more difficult and, to the best of
our knowledge, a specific correlation is not available. Hence, a conser-
vative assumption is made: in particular, it is considered the membrane
purchase cost and multiplied by a factor of about 2.5, similar to the ratio
of installed and purchase cost estimated for the heat exchangers using
the mathematical expressions present in [52]. Therefore, starting from
5700 [53] and 1000 $/m? (assumed considering a reduction cost for
large scale production up to 100 $/ft? [54]), Pd-based and SAPO-34
membrane modules installed cost become 14,000 and 2500 $/m?,
respectively. Membrane cost is annualized considering a factor of 0.5,
since it is supposed a lifetime of 2 years. Compressors and heat ex-
changers costs are annualized setting a capital charge factor of 0.333 1/y
[52].

EP = Z Revenues — Raw Mater. — Z util. — Z Compressors;

3
- E Heat exchangers,, — Z Membranes;c

Details about the onsite and utilities expression for the specific
equipment are reported in the appendix. Net profit is estimated by the
expression reported in [52] (Eq. 4), whereas net present value after 10
years can be evaluated from Eq. 5, setting an interest rate of 6% [55].
The expressions of depreciation, total production cost, cash flow and
initial investment are reported in the Appendix (Egs. A5-A8).

Table 2 summarizes the parameters used in the economic evaluation.
Some prices (e.g., purchase of Pd-based membrane, saturated steam,
compressed steam, Hy) are set using the same assumptions made in a
previous work [53]. Concerning the saturated and compressed steam,
their prices are increased with respect to those reported in [52], main-
taining the ratio of values constant.

Net Profit = (1 — 0.48) [(Revenues — Tot.Prod.Cost) — Depreciation|  (4)

t
NPV = § M—Iniu’al investment )
1+j)k
o (1+))



Electricity, $/kWh
Cooling water, $/ton
Saturated steam, $/kg
Compressed Steam, $/kg
Fq4 heat exchanger, —

Fj, heat exchanger, —

Fm heat exchanger, —

F. compressor, —
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Table 2

Parameters used in the economic analysis.
Parameter Value
SAPO-34 membrane cost, $/m? 2500
Pd-based membrane cost, $/m? 14,000
Membrane lifetime, y 2
H, price, $/Nm? 0.50
CO,, price, $/kg 0.07 [561]
M&S, — 2031.9 [57]

0.10 [58,59,62]

0.048 [60,61]

0.025

0.029

1 (floating head) [52]

0.52 (design pressure up to 55 bar) [52]
1 (carbon steel/carbon steel) [52]

1 (centrifugal motor) [52]

Operating time, h/y 8150 [52]
CCF, y! 1/3 [52]
Interest rate j, % 6 [55]
Hy = 0.29 [52],62]
L CO, = 0.23 [64,[52]

3. Results and discussion
3.1. First configuration

The first plant proposed consists of a feed compressor, two mem-
brane units for gas purification and two heat exchangers for heating and
cooling the retentate streams exiting the SAPO-34 and Pd-based mod-
ules, respectively (Fig. 1). More in detail, a two-stage compressor is
installed to increase feed pressure to the desired value of 20 bar. Once
compressed, feed gas is mixed with the recycled stream leaving the last
membrane unit, after being cooled; the resulting mixture, enriched in
COo, is sent to the first SAPO-34 membrane module, where it is split in
two streams: the permeate gas, having a CO» purity close to 98%, and
the retentate one containing about 44% of Hy. This last stream is heated
up to 350 °C in a heat exchanger, which use compressed steam (at about
42 bar and 399 °C) as utility. Moreover, it is set that steam leaves the
heat exchanger in saturated condition, to have a further valuable
product; this additional revenue allows a mitigation of the utility cost, as
already done in previous works [53]. The Pd-based unit provides a pure
Hy permeate and the recycle retentate stream containing about 90% of
CO..

Table 3 reports the separation performance of the plant for various
area distributions between the two units. It can be observed that an
increment of Pd-based area and a consequent decrement of the SAPO-34
one improves the separation performance of the plant. In particular, the
pair 1.2 plus 1.8 m? provides the best CO, purity and Hj recovery (i.e.,
97.7 and 97.6%, respectively). A further reduction of SAPO-34 area
below 1.2 m? would not allow the plant operation in steady state: in fact,
the too low zeolite membrane area would not allow the complete
removal of pure CO; from the plant, provoking a growing accumulation
in the recycle stream. The required area for each membrane unit could
be achieved with a single big module or, more probably, with several
smaller membrane modules installed in parallel.

The integrated energy plant (Fig. 3) exploits the heat of the hot
retentate stream leaving the Pd-based unit to pre-treat the cold retentate

Table 3
CO,, purity and Hj recovery as a function of the membrane areas.

SAPO_34 area + Pd-based area, m? CO,, purity, H, recovery,
% %
Feed flow rate = 10 Feed flow rate = 100 ° °
kmol h™! kmol h™!
2.0+ 1.0 20 +10 93.9 93.5
1.5+1.5 15 +15 96.2 96.2
1.2+1.8 12 +18 97.7 97.6
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gas exiting the SAPO-34 membrane from 25 to about 194 °C (Fig. A1, left
side). At the same time, the hot stream is cooled from 350 to 119 °C.
Hence, other two heat exchangers are required: one for the complete
heating of the gas stream entering the Pd-based unit and the second for
the complete cooling of the recycled stream to 25 °C. Hence, the
configuration depicted in Fig. 3 consents a lower utility cost, but needs
an additional heat exchanger compared to that showed in Fig. 1. The H,
stream is excluded from this energy integration, since it is a pure product
that could be useful for applications even at a high temperature.

Going into the details of the individual cost items (Table A1), the
integrated process allows a net steam cost saving of about 6800 $/y and
an overall heating cost saving of more than 51,500 $ after 10 years. In
addition, cooling requires a smaller heat exchanger and less utility since
the gas stream is precooled from 350 to 119 °C. The increment of feed
flow rate from 10 to 100 kmol h~! makes the process more convenient,
due to a tenfold increment of revenues, whereas installation costs of
compressors and heat exchangers increase by 6.6 and 4.5 times,
respectively (Table A2). In terms of economic potential, the higher feed
flow rate causes a significant improvement, as depicted in Fig. 4. In
particular, the difference between the two conditions exceeds twelve
times at 0.10 $/Nm?, becoming about twenty-five times at 0.20 $/Nm?>.
This sharp dependence on feed flow rate (i.e., plant size) has been
already found in previous publications [53,63]. In addition, the inte-
grated and not integrated processes present a small but growing differ-
ence in EP at the higher values of feed stream price. In fact, about 1.5%
of discrepancy is estimated at 0.10 $/Nm?; however, this gap becomes
about 5% when the price is doubled, where EP passes from about 805 to
845.10° $/y. Both the configurations achieve an EP equal to zero at
about 0.245 $/Nm?>, whereas the smaller plant has a positive EP below
0.22 $/Nm?>.

Due to the greater economic potential, the plant fed by 100 kmol h~*
is further analysed. In terms of cost, equipment provides a slightly
higher contribution compared to utilities (Fig. 5, left side). The total
equipment cost after 10 years is especially due to compressors (about
46%), followed by membranes (about 39%), whereas heat exchangers
account for about 15%. Similarly, the main utility cost is the electricity
used for compression (i.e., about 79%), followed by the heating up to
350 °C (i.e., about 20%), which is related to the compressed steam price.
Considering the total contribution (equipment + utility), the weitgh
percentage of compression, membranes and heat exchange changes
further: in fact, heat exchange decreases to 16%, whereas compression
and membranes become approximatively 64 and 20% of the total (Fig. 5,
right side). However, these values drastically fall down to when feed gas
cost is also considered (Fig. 6). In this condition, the raw material pur-
chase becomes clearly the most important expense: its weight passes
from about 40 to 87% when feed gas price increases from 0.025 to 0.25
$/Nm°>. Even at the very low price of 0.025 $/Nm?, its presents a per-
centage value similar to compression. On the other hand, heat exchange
cost resulted to be always the minor, passing from 9 and 2% in the feed
gas price investigated.

3.2. Second configuration

In the scheme represented in Fig. 7, a Pd-based membrane is placed
as first and receives the compressed feed material after mixing with the
recycled gas and heating up to 350 °C. This heating occurs in two stages:
a first heat exchanger exploits of hot retentate mixture leaving the Pd-
based unit to increase the feed gas temperature up to about 199°C; a
second equipment uses compressed steam to achieve the desired value of
350 °C (Fig. Al, right side). The retentate mixture leaving this unit is
partially cooled down to 118 °C, giving its heat to the feed gas. A further
cooling down to 25°C is conducted in a heat exchanger placed before the
SAPO-34 module. When 100 kmol h™! of a binary equimolar mixture are
fed, 18 and 12 m? of Pd-based and SAPO-34 membranes are used (as in
configuration 1) to recover 97.7% of pure Hy (99.999%) and 100% of
CO,, having a purity of 97.7%. Membrane areas would be 1.8 and 1.2 m?
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Fig. 3. Simplified scheme of a membrane-based plant (configuration 1) for simultaneous CO, and H; purification.
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Fig. 4. EP as a function of the feed gas price at 10 and 100 kmol h™! of feed
flow rate.

respectively if feed flow rate was 10 kmol h™1.

This integrated scheme (Fig. 7) is more convenient than the same
membrane configuration in which hot and cold streams do not exchange
their heat each other (Fig. 1). Details about the costs are reported in
Table A3. An overall cost saving of more than 430 -10° § is estimated
after 10 years, especially due to the much lower net steam required.

The economic potential of this second scheme is higher than the first
one, with an absolute difference of about 75-10° $/y (Fig. 8). In terms of
percentage this gap is quite small at low feed gas price (e.g., about 2.8%
at 0.10 $/Nm?), growing slightly with increasing price (e.g., about 9% at
0.20 $/Nm3) since the absolute value of EP decreases. Therefore, the

second configuration results always more profitable than the first one. In
fact, as observed in Table 4, compression, heating and cooling costs are
lower than those of the first scheme. Regarding compression, just one
intermediate cooling between the first and second stage is assumed in
configuration 2, since the feed flow rate leaving the second compression
stage (at 20 bar and about 45 °C) must still be heated up to 350 °C before
entering the Pd-based unit. On the other hand, this further cooling is
required in configuration 1 to return to 25 °C and exploit the better
separation performance of SAPO-34 at a lower temperature. Concerning
the minor heat exchange costs, they are attributed to the much lower
recycled stream of configuration 2, which states that a smaller flow rate
must be subjected to heat transfer. Therefore, the heat exchangers areas
and the utilities expenses result lower. Overall, a saving of more than
370-10% § is achieved after 10 years.

In terms of costs, the impact of each contribution is similar to that of
configuration 1: heat exchange results slightly lower, passing from 16 to
12%, whereas compression and membranes increase from 64 to 66%
and from 20 to 22%, respectively (Fig. 9). When raw material is included
in the assessment, it becomes the most important contribution, showing
percentage similar to those obtained with configuration 1. Specifically,
it increases from about 41 to 87% when feed gas price passes from 0.025
t0 0.25 $/Nm° (Fi g. 10). On the other hand, compression decreases from
39 to 8%, as well as membranes cost varies from 13 to 3%.

Concerning the influence of the recycling stream on the costs,
different results between the two schemes are obtained. In configuration
1, recycling represents about 80% of the initial feed flow rate. Hence, its
presence significantly affects the separation performance and costs as
well. Going into the cost details, the scheme with a recycling stream
requires about 6 and 8% of additional equipment and utility expenses.
Nevertheless, these higher costs are balanced by a much better separa-
tion performance: in fact, Hy recovery and CO, purity increase from 94.1
to 97.6% and from 94.4 to 97.7%, respectively. In configuration 2,
recycling is about 3% of the feed flow rate; therefore, its influence on
costs is negligible. However, it strongly impacts Hy recovery, which

Heat exchange

16%

Membranes
20%

\/

Compression

Fig. 5. Percentage of utilities and equipment cost (left side); percentage of compression, heating, cooling and membrane modules on the overall costs (right side).
Feed material and labour costs are not included. Feed flow rate is set to 100 kmol h™%.
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Fig. 6. Percentage of raw material, compression, heat exchange and membrane
modules on the overall cost (labour cost not included) for various feed gas
prices in the case of configuration 1. Feed flow rate is considered to be 100
kmol h™! of a binary CO,/H, mixture.

passes from 92.5 to 97.6%, since a significant part of an additional
stream with about 95% of H; can be recovered in the final product.
Lower and upper limits of membrane areas are also estimated for
configuration 2, considering a separation target of 95% of Hy recovery
and 97% of CO., purity. For a feed flow rate of 100,000 mol h~!, SAPO-
34 membrane area ranges between 9 and 13 m?, once Pd—Ag area is set
to 18 m2. On the other hand, Pd—Ag area shows a lower limit of about
12 m?, whereas no further increment of the separation performance is
observed above 18 m?.

It is well known that in a real gas stream (e.g., that leaving a water
gas shift reactor), the presence of other species and impurities has to be
taken into account. In fact, some components as CO and H,O etc. act as
inhibitors on Hy permeation through the Pd-based membrane [see e.g.,
28,30,64], causing an increment of the equipment cost since larger
membrane area is required. Similarly, water vapour causes a reduction
of CO, permeance through SAPO-34 membranes [65]. However, its
percentage can be reduced installing a condenser before the membrane.
In this regard, the influence due to the reduction of Hy permeance on the
economic potential is shown in Table 5. If H, permeance was halved, the
total equipment cost in 10 years would increase by about 40% and EP
would decrease by about 5%.

H, purification cost is evaluated as the sum of all the costs divided by
the kilograms of pure hydrogen produced after 10 years (Eq. 6). In
particular, it is here also taken into account the labour cost, which is
estimated assuming a gross monthly salary of 2500 $. A comparison
between the two configurations is depicted in Fig. 11. Configuration 2 is
found to provide a slightly lower cost than 1 of about 0.05 $/kg for each
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Fig. 8. EP versus feed gas price for the two configurations when feed flow rate
is fixed to 100 kmol h™™.

Table 4
Comparison between compression and heating costs of the two configurations
for a feed flow rate of 100 kmol h™™.

Stage Parameter 1° 2°
Configuration Configuration

Compressors installed

1,689,915
cost, $
Compression up Electricity cost, $/y 253,219
to 20 bar I-.Ieat exch?ngers C(.)St 171,842 86,055
(intermediate cooling), $
Cooling water cost, $/y 1259 636
First Hezat exchanger 34.9 2%
area, m
First Heat exchanger cost, 132,141 109,032
Heating up to
Hi h
350 °C Second2 eat exchanger 371 278
area, m
Second Heat exchanger 137,557 113,840
cost, $
Net steam cost, $/y 66,365 47,494
Heat exchangers area, m?>  27.6 16.9
Cooling to 25 °C Heat exchanger cost, $ 113,414 82,554
Cooling water cost, $/y 3068 1863
Total compression + heat exchange cost after 5,483,979 5,113,516
10 years, $

feed gas price. Passing from 0.10 to 0.20 $/Nm?, its production cost
increases from 4.3 to 6.6 $/kg. When the labour cost is reduced (e.g., 15
instead of 30 people hired to work on the plant), this cost is reduced of
about 0.6 $/kg (e.g., 3.7 instead of 4.3 $/kg at 0.10 $/Nm° or 6.0 instead
of 6.6 $/kg at 0.20 $/Nm?). Overall, Hy purification cost here varies
between 2.6 and 7.8 $/kg (i.e., 0.23 and 0.70 $/Nm3), in agreement with

Feed stream

H,, CO, @

L= VO]

Pd-based |
—
_—

SAPO-34

—
S

H co,

Fig. 7. Simplified scheme of a membrane-based plant (configuration 2) for simultaneous CO, and H; purification.
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Heat exchange
12% Membranes
22%

Fig. 9. Percentage of compression, heat exchange and membrane modules for
configuration 2 fed by 100 kmol h~!. Feed material and labour costs are
not included.

100 Feed gas 7]

Compression

Cost percentage, %
)
T
1

W.

Heat exchange

1 1 1 1 1 1
0,00 0,05 0,10 0,15 0,20 0,25

Feed gas price, $/Nm3

Fig. 10. Percentage of raw material, compression, heat exchange and mem-
brane modules on the overall cost (labour cost not included) for various feed
gas prices in the case of configuration 2. Feed flow rate is considered to be 100
kmol h™! of a binary CO,/H, mixture.

the 2020 target cost for different technologies, which is comprised be-
tween 2.30 and 9.20 $/kg, even if a further reduction between 1 and 2
$/kg was set [66]. In addition, it has to be taken into account that a part
of this cost allows also the purification of COs.

Raw Material + Onsite + Membranes + Utilities + Labour §
PureH,produced 'Kg

(6)

Some values of Hy production cost or selling price reported in the

literature shows a good agreement with the values here reported and
assumed [1,67-70]. Currently, the hydrogen production cost is in the

Purif .Costy, =

Table 5
Membrane cost and economic potential at different values of H, permeance.
Feed gas price is set to 0.10 $/Nm>.
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Fig. 11. Hydrogen purification cost of configuration 1 (open triangle and
dashed line) and configuration 2 (filled circles and continuous lines) fed by 100
kmol h™!. Red line and symbols: 15 workers or labour cost of 487,500 $/y;
black line and symbols: 30 workers or labour cost of 975,000 $/y. (For inter-
pretation of the references to colour in this figure legend, the reader is referred
to the web version of this article.)

range of 4-7 $/kg, without considering network and delivery system
[9].

A comparison with some membrane plants for the same separation is
also carried out. A two-stage plant investigated by Xu et al. [71] pro-
vided Hy and CO;, purity values of 99.5 and about 87%, respectively, and
a Hp loss lower than 10%. The estimated Hy purification cost was about
0.156 $/Nm?. Rezaei et al. [72] estimated H; and CO; purity values of
96.4 and 95% in the case of a hybrid hydrate membrane process, with a
CO, recovery of about 94.5%.

The effect of a change in the Hy/CO; feed ratio on separation per-
formance and EP is also investigated (Table 6). An improvement of both
Hp recovery (about 1.4%) and EP (about 2%) is observed, due to the
higher H; feed concentration that favours its permeation through the
Pd—Ag membrane (i.e., higher driving force) and reduces the retentate
flow rate circulating through plant. This leads to a reduction of both
utility (e.g., less compressed steam required) and equipment installation
costs (i.e., smaller dimension of heat exchangers and SAPO-34 mem-
brane), resulting in a slight rise of EP.

A first attempt of evaluating the profit of this process is made
considering the big plant fed by 100,000 mol h™! of a mixture stream.
NPV and net profit are evaluated assuming different values of labour
cost (Fig. 12). Setting two values of labour cost at 487500 and 975,000
$/y (e.g., considering 15 and 30 workers hired on the plant), the process
is found to be profitable, since net profit maintains positive values up to
0.155 and 0.1 $/Nm?, respectively. On the other hand, the range of the
raw material price to have a positive NPV is narrower: in fact, it passes
from 0.105 to 0.05 $/Nm>. Moreover, net profit and NPV assume the
same value at about 0.10 and 0.043 $/Nm°. The trend of NPV as a
function of the labour cost reveals that feed gas prices higher than 0.12

Table 6
Effect of Hp/CO, feed ratio on separation performance and EP. Feed gas price is
set to 0.10 $/Nm?>.

H, permeance, Total Equipment cost in Weight of the Membrane EP,

molm2s ! Pa 10 years, cost, % 10°

05 10% $ $/y
0.0019 3491 5.7 2746
0.00095 4901 10.8 2605

H,/CO, ratio, — Separation performance, % EP, 10° $/y
1 Hy recovery = 97.6 2746

CO,, purity = 97.7
3 Hj recovery = 99.1 2803

CO,, purity = 97.7
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Fig. 12. Net profit and NPV as a function of feed gas price when labour cost is
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symbols and lines). (For interpretation of the references to colour in this figure
legend, the reader is referred to the web version of this article.)
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Fig. 13. NPV as a function of the labour cost at different feed gas prices.

$/Nm® make the process not convenient, since NPV results always
negative in the whole range of labour cost investigated (Fig. 13).

4. Conclusions

A binary COy/Hy mixture can be separated in their two pure com-
ponents using a membrane process. In particular, a simulated membrane
plant consisting of a combination of Pd-based and SAPO-34 modules can
provide pure Hy (99.999%) and CO; (97.7%) with a high recovery (i.e.,
100% of CO2 and 97.6% of Hy).

The results demonstrate that the aforementioned membrane process
has a potential to generate profit, especially when the plant size in-
creases. The membranes arrangement influences the economic results:
in fact, economic potential is increased if the Pd-based membrane is
placed before the SAPO-34 one. In addition, the integrated configura-
tion, where the energy of the hot gas stream is used to pre-heat the cold
gas before entering the Pd-based membrane module, allows a further
cost saving. Considering the sum of equipment and utilities, compres-
sion presents the most important contribution (64-66%), followed by
membranes (20-22%) and heat exchange. Overall, the feed gas purchase
is the major expense, since its percentage can oscillate between 41 and
87%.
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The Hj purification cost ranges between 2.6 and 7.8 $/kg, depending
on the feed material price and labour cost. Positive values of net profit
and net present value can be achieved in a limited range of feed gas
price. Assuming a plant life of 10 years, NPV is always negative above
0.12 $/Nm°>.

Abbreviation

A Heat exchanger area, m?

CCF Capital Charge Factor, y~!

D Membrane diameter, m

EP Economic potential, $/y

F Molar flow, mol h™?

fe Parameter for estimating the equipment installation cost, —
fa Parameter for estimating the equipment installation cost, —
fm Parameter for estimating the equipment installation cost, —
i Parameter for estimating the equipment installation cost, —
hp Theoretical horsepower, hp

Interest rate, —

M&S Marshall and Swift index, —

NPV Net present value, $/y

Py Inlet gas pressure to a compressor, 1b./ft?
Pour Outlet gas pressure from a compressor, 1b./ft?
Pe Permeance, mol m 2 s Pa™

Q Heat duty, Btu h!

Raw Mater Raw material cost, $/y
Tot. Prod. Cost Total product cost, $/y

U Overall heat transfer coefficient, Btu h™! ft.~2 op~1
util. Utility cost, $/y
2z Axial coordinate, m

Greek letters

4 Parameter used in Eq. A9, —

AH Enthalpy variation, Btu mol !

ATy Logarithmic mean temperature driving force, °F
b2 Mathematical constant equal to 3.14159...
Subscripts

IC Installation cost, $

i Generic i-™ species

inst Installation

p Permeate

R Retentate
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Table Al

Costs Comparison between the integrated and not integrated process for configuration 1 fed by 10 kmol h™1.

Stage Parameter Integrated Not integrated
Total compressors installed cost, $ 255,779
. Total electricity cost, $/y 25,322
Compression up to 20 bar Heat exchangers cost, $ 38,471
Cooling water cost, $/y 126
First Heat exchanger area, m? 3.5 3.5
First Heat exchanger cost, $ 29,584 29,596
Second Heat exchanger area, m? 3.7 -
Heating up to 350 °C Second Heat exchanger cost, $ 30,792 -
Compressed steam cost, $/y 50,741 102,750
Saturated steam revenue, $/y 44,106 89,314
Net steam cost, $/y 6635 13,437
Heat exchangers area, m? 2.8 3.9
Cooling to 25 °C Heat exchanger cost, $ 25,387 31,595
Cooling water cost, $/y 307 1117
Heat exchange cost after 10 years, $ 155,183 206,731
Table A2
Costs and revenues comparison between the integrated configuration 1 fed by 10 and 100 kmol h™1.
Parameter 10 kmol h™! 100 kmol h™?
Total compressors installation cost, $ 255,779 1,689,915
Total electricity cost, $/y 25,322 253,219
Heat exchangers cost (intermediate cooling), $ 38,471 171,842
Cooling water cost, $/y 126 1258
Total membranes cost, $ 141,008 1,410,083
First heat exchanger cost, $ 29,584 132,141
Second heat exchanger cost, $ 30,792 137,557
Net steam cost, $/y 6635 66,365
Third heat exchanger cost, $ 25,387 113,414
Cooling water cost, $/y 307 3069
H, revenues, $/y 445,629 4,456,290
CO, revenue, $/y 125,243 1,252,433
Table A3
Costs Comparison between the integrated and not integrated process for configuration 2 fed by 100 kmol h™?.
Stage Parameter Integrated Not integrated
Total compressors installed cost, $ 1,689,915
. Total electricity cost, $/ 253,219
Compression up to 20 bar Heat exchangez cost (int);rmediate cooling), $ 86,055
Cooling water cost, $/y 636
First Heat exchanger area, m? 26 25.9
First Heat exchanger cost, $ 109,032 108,934
Heating up to 350 °C Second Heat exchanger area, m 27.8 -
Second Heat exchanger cost, $ 113,840 -
Net steam cost, $/y 47,494 94,156
Heat exchangers area, m? 16.9 25
Cooling to 25 °C Heat exchanger cost, $ 82,554 106,311
Cooling water cost, $/y 1863 7225
Heat exchange cost after 10 years, $ 798,996 1,229,055

The equipment installation cost for compressors and heat exchangers is estimated with the correlations reported in [52](Eqs.A1-A2). In the
economic potential estimation, these expressions are annualized using the capital charge factor (CCF). The operating costs are related to the elec-
tricity, cooling water and compressed steam required in the equipment (Eqs.A3-A4). The estimation of net profit and NPV are carried out using the
expressions suggested in [52] (Eq. A5-A8), setting a higher Operators coefficient (Eq. A7) due to the high labour cost here assumed.
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M&S hp'\ 02
Compressor;.($) = (ﬁ) (517.5) (ﬁ) (211 +f1) (A1)
Heat Exchanger,.($) = (%) 101.3 A°%5(2.29 +f1,) (A2)
$ hp 1 kw $ h
Compressor . (;,) = (ﬁ) (m) 010 8150; (A3)
$ o8 h
Heat Exchanger( - | = Flow ratey,o Uﬁl.pnce% 8150}—' a4
Depreciation = 0.181 Onsite (A5)
Cash flow = 0.52(Revenues — Tot.Prod.Cost) + 0.48 Depreciation (A6)
Tot.Prod.Cost = 1.031(Raw Mater. + Util.) + 0.186 Onsite 4 3.12-10° Operators + 0.0256 Revenues (A7)
Initial Investment = 2.36 Onsite (A8)

The parameters required in the evaluation of the installation cost of compressors and heat exchangers are the theoretical horsepower hp and the
area A, respectively. Eqs. A9-A10 provide their values.

-5 Y
hp — (M) P Flow Rater KI;;’”T) - 1] (A9)
IN
A % (A10)
LM

The heat capacity required in the evaluation of the heat duty Q are taken from the Chemical’s Engineers Handbook [73] and converted. The overall
heat-transfer coefficients U are set to 20 Btu h™! ft.“2 °F ! (for steam-gas and liquid-gas) and 10 (for gas-gas) [52].

8471 mol h* 54212 mol h*
H, =10.9% H,=7.5%
€0,=89.1% 399°C €O, =92.5% 399°C
350°C 42.4 bar 350°C 42.4 bar
120 bar \H,O 120 bar l"zo
13353 mol h'* 25°C | ‘I I J 103035 mol h*  45°C | h | I
H,=43.5%  20bar | 194°C 350° H,=51.3% 20 bar I 199°C 350°C
B ﬁ M H:
355 l 254°C A l 254°C
| 20°c 20°C
1 bar 1 bar

¥ H,0 ¥ H,0

'H:I l:l

v 30°C v 30°C

Fig. Al. Simplified scheme of the heat exchange system when 10 kmol h™" are fed using configuration 1 (left side). Simplified scheme of the heat exchange system
when 100 kmol h™! are fed to configuration 2 (right side).
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