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A B S T R A C T

This study presents a unified techno-economic assessment of conventional and membrane-enabled carbon cap
ture and storage (CCS) and carbon capture and utilization (CCU) integrated into small-scale biogas-fired 
combined-cycle power plants. A novel contribution is the first side-by-side evaluation of a fully membrane-based 
post-combustion CO2 capture system for CCS and a membrane reactor-assisted CCU configuration within a 
consistent Aspen HYSYS framework under identical system boundaries. Membrane integration significantly 
enhanced energy performance, eliminating hot-utility demand and reducing specific energy consumption by 43% 
in CCS. In CCU, the membrane reactor achieved higher hydrocarbon selectivity at residence times 62% shorter 
than in conventional reactors, implying proportional reductions in reactor size and capital expenditure. Capital 
costs decreased by 12% for CCS and up to 24% for CCU. Despite higher utility demand, membrane-assisted CCU 
increased value-added fuel production by 31.3%. Sensitivity analysis identified membrane cost, lifetime, and 
utility prices as key levelised cost of electricity (LCOE) drivers. A 300% increase in natural gas prices raised LCOE 
from − 96 to 584 USD/MWh, while hydrogen prices above 3000 USD/t rendered several CCU pathways unviable. 
Overall, membrane-enabled systems show strong potential, contingent on optimised membrane performance and 
hydrogen costs.

1. Introduction

In the face of escalating climate change, reducing greenhouse gas 
(GHG) emissions, particularly carbon dioxide (CO2), has become a 
global imperative [1]. As the most prevalent anthropogenic GHG, CO2 
significantly contributes to global warming due to its long atmospheric 
lifetime and cumulative impact. The energy sector, especially fossil-fuel- 
based power generation, accounts for a substantial portion of global CO2 
emissions, making it a primary focus for defossilization strategies and 
technological innovations [2]. Carbon capture and storage (CCS) and 
Carbon capture utilization (CCU) offer promising pathways to manage 
emissions from industrial and energy systems [3,4]. CCS captures CO2 
for secure storage in geological formations, such as saline aquifers or 
depleted oil reservoirs [5]. Conversely, CCU converts captured CO2 into 
marketable products, including synthetic fuels, chemicals, and 

construction materials. Despite their potential, both technologies face 
challenges in energy efficiency, process integration, and scalability [6].

Carbon capture can be achieved through different technological 
routes, including chemical absorption, physical adsorption, cryogenic 
separation, and membrane-based processes. Carbon molecular sieve 
(CMS) membranes combine high CO2 permeability and selectivity with 
excellent thermal and chemical stability, enabling durable operation 
under harsh conditions. Their resistance to plasticization and proven 
techno-economic benefits highlight them as an efficient and competitive 
alternative to conventional amine-based capture technologies [7–10]. 
Combined-cycle power plants (CCPPs) are among the most efficient 
configurations for electricity generation [11]. When fueled by biogas, a 
renewable energy source derived from the anaerobic fermentation of 
organic waste, they offer a low-carbon alternative to conventional fossil- 
based power generation. Biogas-fueled CCPPs not only reduce depen
dence on fossil fuels but also contribute to sustainable energy transitions 
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and decentralised energy systems [12].
Integrating CCS or CCU with biogas-fired CCPPs can further enhance 

their environmental performance by mitigating or valorizing CO2 
emissions, aligning with net-zero energy goals. Recent studies have 
explored CCS and CCU integration in both fossil-fueled and renewable- 
based energy systems. Van der Spek et al. [13] conducted a comparative 
techno-economic study of membrane-based and monoethanolamine 
(MEA)-based post-combustion carbon dioxide capture systems inte
grated into combined cycle gas turbines (CCGTs) operating under part- 
load conditions. Their analysis showed that, while MEA systems 
demonstrated higher capture efficiency and lower energy penalties, 
membrane-based systems offered cost reduction potential at low carbon 
dioxide recovery levels. However, membrane configurations resulted in 
higher levelized electricity costs, ranging from 80 to 95 USD/MWh, 

depending on membrane performance and operating mode. Asadi and 
Kazempoor [14] investigated the performance of flexible membrane- 
based post-combustion CO2 capture systems across varying operating 
conditions. Their findings highlighted that counter-current membrane 
configurations with sweep gas could achieve capture costs as low as 
22.76 USD/t CO2, emphasizing the role of high-permeability mem
branes and energy-efficient compression schemes in minimizing costs. 
More recently, Akrami et al. [15] proposed a biogas-fueled combined 
heat and power (CHP) system integrated with an MEA-based CCU unit 
designed for greenhouse CO2 utilization. Their thermodynamic and 
economic analysis reported a CO2 capture efficiency of 96.1%, a 
payback period of 4.8 years, and an LCOE of 46.16 USD/MWh, 
demonstrating the viability of small-scale bio-CCU systems for distrib
uted energy and carbon valorization. Biogas from organic waste enables 

Nomenclature

AC Air Cooler
ASPEN Advanced System for Process Engineering
BGD BioGas Demand
BLI Battery Limits Investment
CAPEX Capital Expenditure
CCGT Combined Cycle Gas Turbines
CCPP Combined-Cycle Power Plants
CCS Carbon Capture and Storage
C-CCS Conventional Carbon Capture and Storage
CCU Carbon Capture and Utilization
C-CCU Conventional Carbon Capture and Utilization
CE Chemical Efficiency
CEPCI Chemical Engineering Plant Cost Index
CHP Combined Heat and Power
CMS Carbon Molecular Sieve
COVID Coronavirus Disease
CWD Cooling Water Demand
FFD Furnace Fuel Demand
FO Fuel Output
GCO2 Generated CO2
GHG Greenhouse Gas
GPU Gas Permeance Unit
HHV Higher Heating Value
HPSD High-Pressure Steam Demand
HRSG Heat Recovery Steam Generator
ICO Indirect CO2 Output
IHS Information Handling Services
IRR Internal Rate of Return
KPI Key Performance Indicators
LCNC Levelized Cost of Net Carbon
LCOE Levelized Costs of Electricity
LPSD Low Pressure Steam Demand
MB-CCS Membrane Based Carbon Capture and Storage
MB-CCU Membrane Based Carbon Capture and Utilization
MEA Monoethanolamine
MMBTU Million British Thermal Units
MMSCFD Million standard cubic feet
MR Membrane Reactor
MU Make Up
MUA Make Up Amine
MUSD Million United States dollar
MUW Make Up Water
MW Megawatt
MWh Megawatt-hour

NO N2 Output
NPV Net Present Value
OPEX Operating expenditure
PBP Payback Period
PFD Process Flow Diagram
PSA Pressure Swing Adsorption
PR Peng–Robinson
RD Refrigerant Demand
ROR Rate of Return
SRT Specific Residence Time
TCI Total Capital Investment
TEC Total Equipment Cost
TED Total Energy Demand
TFC Total Fixed Capital
TIC Total Installed Cost
TRL Technology Readiness Levels
TWC Total Working Capital
USD United States dollar
WO Wastewater Output
WW Wastewater

Symbols
E kJ/kg mol, Activation energy for a chemical reaction
Ce (m$), Cost of equipment (million USD)
ṁfuel kg/h, Mass flow rate of synthesized fuel
ṁBG kg/h, Mass flow rate of biogas feed
LHVLfuel kJ/kg, Lower heating value of the liquid fuel product
LHVBG kJ/kg, Lower heating value of the biogas
Pnet kW, Net electrical power output exported to the grid
QCW kW, Cooling water energy consumption
QLPS kW, Low-pressure steam energy consumption
QHPS kW, High-pressure steam energy consumption
QFF kW, Auxiliary furnace fuel energy consumption
QREF kW, Refrigerant energy consumption
QTotal kW, Total utility energy consumption
ṁgenerated CO2 kg/h, Mass flow rate of direct CO2 emissions
ṁN2 kg/h, Mass flow rate of nitrogen discharged
ṁwaste water kg/h, Mass flow rate of generated wastewater
τ min, Residence Time
Ji m3/h, Volumetric permeation flux of component i through 

the membrane
A m2, Effective membrane area
kei m3/m2.s.bar, Permeance coefficient of component i
Pi,retentate bar, Partial pressure of component i on the retentate side
Pi,permeate bar, Partial pressure of component i on the permeate side
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a sustainable, low-carbon option for power generation. Integrating CCS 
or CCU technologies further improves their environmental performance 
by enabling CO2 mitigation or valorization.

However, most of the aforementioned studies focus primarily on 
either specific capture routes or particular process scales, without 
providing a consistent comparison of CCS and CCU pathways under 
unified operating assumptions. While these studies successfully 
demonstrated the feasibility and advantages of different membrane or 
amine approaches, they often neglect cross-system interactions and the 
economic trade-offs between storage and utilization options. This limits 
their applicability to decision-making for actual carbon management 
implementations. Although extensive research [16,17] has investigated 
CCS and CCU technologies, a comprehensive system-level evaluation of 
their cost competitiveness in small-scale biogas-fired combined-cycle 
power plants (CCPPs) remains limited, particularly for membrane- 
integrated configurations. Most existing studies focus on fossil-fuel- 
based systems, small CHP units [18,19], or isolated capture processes, 
without considering the integrated interactions between power gener
ation, CO2 separation, hydrogen management, and downstream utili
zation. These omissions highlight the need for a more holistic and 
critically balanced evaluation of the techno-economic performance of 
CCS and CCU strategies in renewable-based systems. In addition, the 
economic robustness of membrane-based CCS and CCU pathways under 
the volatile post-COVID energy and hydrogen markets has not been 
systematically assessed.

It should also be noted that the availability of biogas inherently 
limits plant capacity, and small-scale CCPPs (below 20 MW) generally 
exhibit moderate internal rates of return due to scale-related capital 
intensity. Consequently, the objective of this work is not to demonstrate 
high absolute profitability, but to provide a consistent techno-economic 
comparison of alternative carbon management strategies under identical 
feedstock and operating conditions.

To address these gaps, this study develops a unified Aspen HYS
YS–based process simulation combined with inflation-adjusted techno- 
economic modeling of membrane-integrated CCS and CCU configura
tions, benchmarked against conventional reference systems across four 
scenarios. Within a consistent modeling framework and identical system 
boundaries, CCS and CCU pathways are evaluated side by side to enable 
direct comparison of energy penalties, variations in net power output, 
capital investment requirements, and overall economic performance. A 
key contribution of this work is the systematic assessment of two 
membrane-enabled configurations within the same CCPP framework: (i) 
a pure membrane-based CO2 capture unit for CCS and (ii) a membrane 
reactor–assisted CCU pathway that couples CO2 conversion with selec
tive hydrogen recovery. Unlike conventional post-combustion capture 
systems, the proposed CCS configuration relies entirely on membrane 
separation, while the CCU pathway employs membrane reactor tech
nology as a process-intensification strategy.

2. Methodology

2.1. Process design

This study employs Aspen HYSYS v14.1 to simulate a biogas-fired 
combined-cycle power plant (CCPP) integrated with CO2 capture and 
either storage (CCS) or utilization (CCU), as depicted in Fig. S1. Four 
configurations are evaluated to assess technical and economic perfor
mance comprehensively: 

• Conventional CCS (C-CCS)
• Membrane-based CCS (MB-CCS)
• Conventional CCU (C-CCU)
• Membrane-based CCU (MB-CCU)

All simulations use a fixed biogas feed composition and flow rate, 
with the Peng–Robinson (PR) equation of state to model thermodynamic 

behavior. Conventional configurations employ the Acid Gas–Chemical 
Solvent fluid package [20–22], for biogas sweetening due to its accuracy 
for amine-based CO2 absorption, while membrane-based sweetening 
and other process units use the PR fluid package for consistency [23,24].

2.2. Model development for CCS integration

2.2.1. Conventional CCS units integrated with biogas fired power plant (C- 
CCS)

Fig. S2 presents the process flow diagram (PFD) of the C-CCS 
configuration used for both simulation and economic evaluation. This 
configuration comprises: 

▪ Amine-based biogas upgrading unit
▪ Combined-cycle power generation (CCPP) unit
▪ Amine-based flue gas sweetening unit
▪ Offshore CO2 storage unit

the storage unit is modeled as a tank (TK-100) to represent the process 
interface, with costs per ton of CO2 sourced from literature for economic 
analysis [25] and applied for comparison with the CCU scenarios. This 
approach enables a realistic cost evaluation while maintaining clarity 
and simplicity in the simulation model. The biogas feed (100 kgmol/h, 
CO2 (66.97 wt%), CH4 (31.15 wt%); Table S1) [26]. directly enters the 
amine-based upgrading unit.

2.2.1.1. Amine-based biogas upgrading unit. Fig. 1 illustrates the amine- 
based biogas upgrading unit. Raw biogas (stream 1: 2832 kg/h, 25 ◦C, 1 
bar) is initially compressed to 2 bar (K− 100) to enhance CO2 absorption. 
The pressurized gas is then cooled in air cooler (E-101) to approximately 
40 ◦C to optimize solvent contact conditions. It then enters the bottom of 
the 20-stage absorption tower (T-100), where it rises counter-currently 
to the descending MEA solvent (stream 13), introduced at the top at 
45 ◦C and 1.8 bar.

This configuration, which consists of 20 theoretical stages with 
structured packing, ensures a CO2 removal efficiency of 98%, reducing 
the CO2 content in the treated biogas to below 3% by mass. The ab
sorber's bottom temperature is maintained at 72.4 ◦C using partial sol
vent recycling and interstage cooling to manage the exothermic nature 
of the absorption process.

The CO2-depleted biogas exits the top of the absorber (flow 16) and is 
subsequently recompressed in K-101 to 5.94 bar. It is then cooled to 
25 ◦C (in heat exchanger E-103) before entering a two-phase separator 
(V-100), where condensed water is removed (WW-1). A second sepa
rator (V-101) further dries the gas stream (WW-2) already recompressed 
(in K-102) and cooled to 25 ◦C (in E-104), producing the final bio
methane product (stream 20), which is described in Table S2.

This stream is delivered at 19.76 bar and 25 ◦C with a CH4 purity 
exceeding 90%, making it suitable for entry into the CCPP. Meanwhile, 
the CO2-rich MEA solution (stream 3) is pumped from 1 bar to 1.8 bar 
(by P-100) and preheated to 95 ◦C in the lean-rich heat exchanger (E- 
100) before entering the 15-tray stripper column (T-101). Operating at 
1.2 bar at the bottom and 1.0 bar at the top, the stripper regenerates the 
solvent through thermal desorption. The released CO2 (stream 9) exits 
from the column top for compression or storage, while the regenerated 
lean MEA (stream 7) is collected at the bottom, heat-exchanged with the 
rich feed, supplemented with makeup streams (MUW-1 and MUA-1) to 
compensate for losses, and recycled to the absorber at 45 ◦C.

2.2.1.2. Combined-cycle power generation (CCPP) unit. As illustrated in 
Fig. 2, purified biomethane (stream 20; 19.76 bar, 25 ◦C) fuels a gas 
turbine (G-100), where it combusts with (18 bar, 428.4 ◦C). The 
resulting high-temperature exhaust gases (stream 24, 1 bar and 1282 ◦C) 
drive a Heat Recovery Steam Generator (HRSG), successively producing 
high-, medium-, and low-pressure steam for a steam turbine (ST-100).
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The combined mechanical work output from G-100 and ST-100 is 
converted into electricity through a shared generator, thereby maxi
mizing the overall efficiency of the CCPP. Following expansion, the low- 
pressure steam exiting the steam turbine (stream 26, 0.068 bar and 
38.7 ◦C) condenses in the condenser, and is then pumped back to the 
HRSG as feedwater (stream 28), completing the Rankine cycle. In par
allel, the HRSG flue gas passes through two consecutive separators (V- 
102 and V-103), where condensed moisture is removed. The resulting 
dried flue gas is subsequently cooled and expanded to 2.6 bar and 25 ◦C 
(stream 33; see Table S3), after which it enters the CO2 capture unit. At 
this stage, CO2 is selectively removed using either amine-based ab
sorption or membrane separation, depending on the configuration.

2.2.1.3. Amine-based flue-gas sweetening unit. As shown in Fig. 3, the dry 
flue gas stream (stream 33) is initially compressed (in compressor K- 
104) to 8.1 bar and 167.6 ◦C to increase the partial pressure of CO2. The 
hot, compressed stream (stream 34) is cooled to 40 ◦C using air cooler 

(AC-102) and then further conditioned to the target absorption tem
perature in shell-and-tube exchanger (E-108) using cooling water.

The conditioned gas (stream 36) enters the bottom of the absorber 
column (T-102), a 20-tray tower operating at 1.2 bar at the top and 1.0 
bar at the bottom. Inside the column, the gas ascends in counter-current 
contact with lean MEA solvent (stream 44), which is pumped by P-102. 
Selective CO2 absorption occurs as the solvent reacts with the gas, 
producing a rich MEA solution (stream 41) at the column bottom. 
Simultaneously, the CO2-depleted gas (stream 45) exits from the top, is 
cooled, and flashed to remove condensed moisture, yielding a high- 
purity nitrogen stream.

The rich MEA stream (stream 41) is preheated in the lean/rich heat 
exchanger (E-107) by exchanging heat with the hot lean MEA (stream 
38), and then enters the stripper (T-103), which has 15 trays and 
operates at 1.3 bar at the bottom and 1.1 bar at the top. The reboiler (E- 
110) provides the required thermal energy to release CO2 from the 
solvent. The resulting CO2-rich vapor (stream 47) is condensed in E-109, 

Fig. 1. Aspen HYSYS simulation model of the amine-based absorption unit for biogas upgrading.

Fig. 2. Aspen HYSYS simulation model of the Combined-Cycle Power Plant (CCPP).
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and the condensate is separated from the dry CO2 (in separator V-104). 
The dry CO2 stream is subsequently compressed (in CO2-COMP2) to 
reach the desired pressure for either sequestration or utilization (stream 
CO2–2). The regenerated lean MEA (stream 38) is routed back to the 
lean/rich exchanger E-107, cooled in air cooler (AC-103), supplemented 
with makeup water (MUW-2), and recycled to the absorber. This closed- 
loop configuration ensures minimal solvent loss and maximizes thermal 
integration between the absorber and the stripper.

2.2.2. Membrane-based CCS units integrated with biogas fired power plant 
(MB-CCS)

Fig. S3 presents the PFD of the MB-CCS configuration, which 
includes: 

▪ Membrane-based biogas upgrading unit
▪ CCPP unit (Section 2.2.1.2)
▪ Membrane-based flue gas sweetening unit
▪ Offshore CO₂ storage unit

Consistent with the approach in Section 2.2.1, the offshore CO₂ 
storage unit was not simulated in this configuration and was considered 
solely for comparative economic analysis. Similarly, the feed conditions 
remain identical to those of the conventional case and are provided in 
Table S1.

2.2.2.1. Membrane-based Biogas Upgrading. As illustrated in Fig. 4, the 
two-stage carbon molecular sieve (CMS) membrane system is employed 
to upgrade raw biogas and meet fuel specification requirements. The 
feed gas is initially compressed and subsequently cooled to 19.90 bar 
and 55 ◦C (stream 7), and then introduced into the first membrane 
module (M-100). These conditions ensure the accuracy of performance 
data and alignment with the membrane model used. Under a trans
membrane pressure of 19.47 bar, CO2 selectively permeates through the 
membrane, while the methane-enriched retentate (stream R1) exits the 
module and is directed to the CCPP. The composition and operating 
conditions of this retentate are summarized in Table S4. The permeate 
stream from the first stage (stream P1) is recompressed to 19.93 bar and 
cooled to 55 ◦C before entering the second membrane module (M-101). 
A transmembrane pressure gradient of 19 bar facilitates further CO2 
separation, yielding a high-purity CO2 stream (stream P2) suitable for 

Fig. 3. Aspen HYSYS simulation model of absorption-based flue gas sweetening unit.

Fig. 4. Aspen HYSYS simulation model of the membrane-based biogas upgrading unit.

Table 1 
Gas permeance of the CMS membrane used for biogas 
upgrading at 55 ◦C [27].

Components Permeance (GPU)

CO2 193.00
N2 1.07
CH4 0.49
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storage or utilization.
A portion of the retentate from M-101 (stream R2) is recycled to M- 

100 to enhance overall methane recovery and ensure stable separation 
performance. The permeance of the CMS membrane for biogas 
upgrading at 55 ◦C is presented in Table 1, where the values for CO2, N2, 
and CH4 are 193, 1.07, and 0.49 GPU, respectively. This two-stage 
membrane system reduces the CO2 content of the upgraded biogas to 
1–3%, meeting CCPP fuel quality standards and ensuring sufficient 
methane for efficient combustion.

The membrane surface areas of modules M-100 and M-101 were 
calculated through an iterative design process to meet the methane 
purity requirements of the CCPP fuel while minimizing recompression 
energy. The first-stage module (M-100) was assigned a larger membrane 
area (1250 m2) to handle the high CO2 load of raw biogas and achieve 
bulk separation. In contrast, the second-stage module (M-101) functions 
as a polishing step and thus requires a significantly smaller area (150 
m2). Stage-cut values were maintained at moderate levels to prevent 
excessive methane loss in the permeate stream. The recycle stream from 
the second stage was introduced to enhance overall methane recovery 
while limiting additional compression duty and capital costs.

2.2.2.2. Membrane-based Flue-Gas Sweetening. As illustrated in Fig. 5, 
the dried flue gas stream exiting the CCPP (stream 27) is first com
pressed in compressor K-107 to 8.6 bar and 43.6 ◦C (stream 29). This 
high-pressure, elevated-temperature stream is mixed with two recycle 
streams (streams 46 and P5) to form feed stream 30, which is then 
directed to the first membrane module (M-102).

Under a transmembrane pressure of 8.5 bar, module M-102 separates 
a CO2-rich permeate stream (stream P3) from an N₂-rich retentate 
stream (stream R3). The retentate continues to the second membrane 
stage (M-103), where additional CO2 removal yields a high-purity ni
trogen retentate. Meanwhile, the corresponding permeate stream 
(stream P4) passes through a series of three dehydration vessels (V-102, 
V-103, and V-104), each preceded by a dedicated compression and 
cooling step (K-111 to K-113 and AC-107 to AC-109, respectively). The 
resulting dry gas stream (stream 46) is recycled and reintroduced into 
the M-102 feed.

The permeate from M-102 (stream P3) is compressed in K-108 and 
cooled in AC-110 to reach 0.92 bar and 43.3 ◦C (stream 28). 70% of this 
stream (stream 33) is further compressed in K-103 and K-104 and cooled 
in AC-103 and AC-104 to 8.7 bar and 42.3 ◦C (stream 37), before being 
fed into the third membrane module (M-104). In this final stage, the 
retentate (stream R5) is combined with the remaining 30% sidestream 

(stream 47) to produce a high-purity CO2 product (≥98 mol% CO2). The 
M-104 permeate (stream P5) is recycled to the M-102 feed line, along 
with stream 46, thereby closing the membrane separation loop. The 
permeance of the CMS membrane for flue-gas sweetening at 45 ◦C is 
shown in Table 2, with CO2 and N2 values of 513 and 3.2 GPU, 
respectively.

The membrane surface areas in the flue-gas sweetening unit were 
determined based on the high volumetric flow rate and low CO2 con
centration characteristic of CCPP exhaust gases. The first and second 
membrane stages (M-102 and M-103) each received a membrane area of 
2558 m2 to provide enough driving force for CO2 separation while 
maintaining moderate stage-cut values and acceptable pressure ratios. 
These two stages mainly perform bulk CO2 removal and nitrogen 
enrichment, respectively. The third membrane module (M-104), with a 
smaller membrane area of 234 m2, acts as a final enrichment stage to 
achieve high-purity CO2 suitable for storage or utilization. Stage-cut 
values were kept within moderate ranges to prevent excessive perme
ation, which could otherwise increase recompression duty and dilute 
retentate streams. Pressure drops across the membrane modules were 
assumed to be moderate and consistent with industrial CMS membrane 
systems, ensuring realistic compressor sizing without overestimating 
energy penalties.

Although the same class of CMS membranes was employed, the 
permeance values in Table 1 (CO2/CH4) and Table 2 (CO2/N2) differ 
significantly. This discrepancy primarily arises from the strong 
competitive sorption of CH4 with CO2 in biogas streams, which reduces 
the effective CO2 permeance, whereas N₂ exhibits negligible sorption in 
flue gas, allowing CO2 to permeate more readily. In addition, the 
membranes are structurally optimised for each application: in biogas 
upgrading, a thicker selective layer with narrower pores is designed to 
maximize CO2/CH4 selectivity at the expense of permeance, while in 
flue-gas sweetening, a thinner layer with more open pores enables 
higher CO2 throughput.

Fig. 5. Aspen HYSYS simulation model of the membrane-based flue gas sweetening unit.

Table 2 
Gas permeance of the CMS membrane used for flue-gas 
sweetening at 55◦C [27].

Components Permeance (GPU)

CO2 513.00
N2 3.20
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2.3. Model development for integration of CCU schemes

2.3.1. Conventional CCU units integrated with a fired power plant (C-CCU)
Fig. S4 presents the process flow diagram (PFD) of the C-CCU 

configuration, which consists of five principal process units: 

▪ Amine-based biogas upgrading unit (Section 2.2.1.1)
▪ CCPP unit (Section 2.2.1.2)
▪ Amine-based flue gas sweetening unit (Section 2.2.1.3)
▪ CO2 hydrogenation reactor for fuel synthesis
▪ CO2/H2 recovery unit via amine absorption

Units 1, 2 and 3 are identical in design and modeling approach to 
those described under the C-CCS configuration and are not repeated 
here. Feed conditions are consistent with those summarized in Table S1.

2.3.1.1. Conventional CO2 hydrogenation unit. As shown in Fig. 6, the 
three captured CO2 streams: CO2–1 from the amine upgrading unit, 
CO2–2 from the amine sweetening unit, and stream 93 recycled from the 
CO2 and H2 recovery unit, are combined with hydrogen streams, namely 
stream 91 as recycled hydrogen and the makeup hydrogen stream 
labeled H2 MU.

This combined feed (stream 49) is preheated in heat exchanger E-112 
and then further heated in furnace F-100 to reach the reactor inlet 
conditions of 9.65 bar and 300 ◦C (stream 51). The heated mixture en
ters reactor R-100, a fixed-bed catalytic reactor containing Fe–K sup
ported on γ-Al2O3. Under these operating conditions, CO2 
hydrogenation occurs, producing light alcohols and hydrocarbons, as 
described by the kinetic model presented in the following section. The 
reactor effluent (stream 52) is cooled in two successive heat exchangers 
before entering a series of three two-phase separators, identified as V- 
107, V-108, and V-109, for physical dehydration. The resulting dehy
drated stream (stream 60) is subsequently directed to the CO2 and H₂ 
recovery unit for final solvent-based purification, as described in Section 
2.2.1.1. The operating conditions and mass composition of this stream 
are summarized in Table S5. The performance of reactor R-100 (see 
Fig. 6) is simulated based on the kinetic model developed by Najari et al. 
[28], which was experimentally validated for conditions up to 10 bar, 
360 ◦C, and an H2/ CO2 molar ratio of 3.0. The model includes twelve 
elementary reactions, defined in Eqs. 1 to 12, with the corresponding 
kinetic parameters listed in Table 3 [29].

The units for the Arrhenius pre-exponential factor are kmol/ 
(h⋅m3⋅bar), and the units for the activation energy are kJ/kmol. To 
improve prediction accuracy under hydrogen-rich environments, a 

reversible expression is applied specifically to the highly exothermic 
methanation reaction, which was originally assumed to be irreversible. 
The remaining reaction rates retain their original irreversible formula
tions. This hybrid kinetic scheme enables accurate simulation of product 
distributions, including methane, C2 to C4 olefins such as ethylene and 
propylene, as well as heavier hydrocarbons, under the reactor's oper
ating conditions of 9.65 bar and 300 ◦C. The model predicts total olefin 
yields of up to 50%.

Fig. 6. Aspen HYSYS simulation model of Conventional CO2 Hydrogenation Unit.

Table 3 
Kinetic rate expressions and parameters for CO₂ hydrogenation over Fe-K/ 
γ-Al₂O₃ catalyst [29].

Reaction

CO2 + H2 ↔ 
CO+ H2

R1 = 4.42×

1013 .exp
(
− 94850

RT

)

.
PCO2 .PH2 − PCO.PH2O/Keq

PCO + 53.47PH2O + 4.56 PCO2

(Eq.1)

CO+ 3H2→ 
CH4 + H2O

R2 = 5.29×

1013 .exp
(
− 135000

RT

)

.
PCO.PH2

PCO + 43.05PH2O + 3.42PCO2

(Eq.2)

2CO+ 4H2→ 
C2H4 + 2H2O

R3 = 5.67×

1014 .exp
(
− 146000

RT

)

.
PCO.PH2

PCO + 41.18PH2O + 3.11PCO2

(Eq.3)

2CO+ 5H2→ 
C2H6 + 2H2O

R4 = 6.83×

1013 .exp
(
− 141000

RT

)

.
PCO.PH2

PCO + 85.93PH2O + 2.32PCO2

(Eq.4)

3CO+ 6H2→ 
C3H6 + 3H2O

R5 = 3.53×

1014.exp
(
− 147100

RT

)

.
PCO.PH2

PCO + 15.94PH2O + 4.05PCO2

(Eq.5)

3CO+ 7H2→ 
C3H8 + 3H2O

R6 = 1.97×

1012.exp
(
− 127000

RT

)

.
PCO.PH2

PCO + 55.56PH2O + 3.15PCO2

(Eq.6)

4CO+ 8H2→ 
C4H8 + 4H2O

R7 = 1.94×

1011.exp
(
− 111000

RT

)

.
PCO.PH2

PCO + 30.91PH2O + 4.95PCO2

(Eq.7)

4CO+ 9H2→i −
C4H10 + 4H2O

R8 = 1.17×

108.exp
(
− 87000

RT

)

.
PCO.PH2

PCO + 87.91PH2O + 3.74PCO2

(Eq.8)

4CO+ 9H2→n −

C4H10 +

4H2O

R9 = 1.17×

108.exp
(
− 87000

RT

)

.
PCO.PH2

PCO + 87.91PH2O + 3.74PCO2

(Eq.9)

2CO2 + 6H2→ 
C2H4 + 4H2O

R10 = 5.07×

107 .exp
(
− 150000

RT

)

.
PCO2 .PH2

PCO + 73.34PH2O + 62.02PCO2

(Eq.10)

3CO2 + 9H2→ 
C3H6 + 6H2O

R11 = 5.07×

107 .exp
(
− 150000

RT

)

.
PCO2 .PH2

PCO + 73.34PH2O + 62.02PCO2

(Eq.11)

4CO2 + 12H2→ 
C4H8 + 8H2O

R12 = 5.07×

107 .exp
(
− 150000

RT

)

.
PCO2 .PH2

PCO + 73.34PH2O + 62.02PCO2

(Eq.12)
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2.3.1.2. Conventional CO2/H2 recovery unit. The product stream from 
the CO2 hydrogenation unit contains unreacted H2 and CO2. The pri
mary objective of the CO2/H2 recovery unit is to recover these compo
nents and upgrade the fuel product. As illustrated in Fig. 7, the dried 
product stream (stream 60) from the CO2 hydrogenation reactor enters a 
pressure swing adsorption (PSA) column (X-100) for hydrogen adsorp
tion. The high-purity hydrogen stream (stream 61) is then combined 
with another hydrogen stream (stream 86) from a second PSA column 
(X-101). This combined stream is pressurized using a two-stage 
compressor (K− 110,K− 111) and subsequently passes through a heat 
exchanger (E-126), reaching 10 bar and 39 ◦C before being recycled to 
the CO2 hydrogenation unit. The remaining output from the first PSA 
column (stream 62) is directed to an absorption tower (T-104) for CO2 
capture. In this tower, the gas stream (stream 62) comes into counter
current contact with the MEA solvent (stream 73) across multiple trays. 
The stripped CO2 gas stream (stream 74) exits from the top of the tower 
and, after passing through three heat exchangers and a two-phase 
separator operating at − 90 ◦C and 29.89 bar, is routed to a distillation 
column (T-106) for further purification.

The bottom product of the absorption tower (stream 63), which is an 
MEA-rich CO2 stream, is sent to another distillation column (T-105) for 
solvent regeneration. The recovered MEA is then recycled back to the 
absorption tower.

In the distillation column T-105, the top product gas stream (stream 
69), which is rich in CO2, is mixed with a dried stream (stream 66) from 
the two-phase separator (V-110). This combined stream is recycled to 
the CO2 hydrogenation unit as stream 93, at 10 bar and 221 ◦C. 

Simultaneously, in distillation column T-106, the treated fuel gas stream 
(stream 79) is separated into heavy hydrocarbons, which exit as the 
main product (stream Fuel), and light hydrocarbons, which exit as the 
top product stream (stream 80), as detailed in Table S6. Stream 80, after 
passing through a pressure relief valve and heat exchanger (E-118), is 
combined with stream 85 to form stream 94, at 1 bar and 21.49 ◦C.

Stream 94 then undergoes a three-stage compression and cooling 
process, resulting in an enriched methane stream (stream 100) at 18 bar 
and 25 ◦C, which is subsequently recycled to the CCPP. Additionally, the 
second PSA column (X-101) is used to recover residual hydrogen from 
the top product of the absorption tower. After preliminary treatment, 
this stream (stream 84) enters PSA column X-101, where an enriched H₂ 
stream (stream 86) is produced and combined with the hydrogen 
recovered from the first PSA column (stream 61), as described earlier.

2.3.2. Membrane-based CCU units integrated with biogas fired power plant 
(MB-CCU)

Fig. S5 presents the PFD of the MB-CCU configuration, which consists 
of five principal process units: 

▪ Membrane-based biogas upgrading unit (Section 2.2.1.4)
▪ CCPP unit (Section 2.2.1.2)
▪ Membrane-based flue gas sweetening unit (Section 2.2.1.5)
▪ Membrane reactor for CO₂ hydrogenation to liquid fuels
▪ Membrane-based CO₂/H₂ recovery unit

Units 1–3 are identical in design and modeling approach to those 

Fig. 7. Aspen HYSYS simulation model of conventional CO2 & H2 recovery unit.
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described under the MB-CCS configuration and are not repeated here. 
Feed conditions are consistent with those summarized in Table S1.

In the proposed membrane-based CCU (MB-CCU) setup, the flue-gas 
sweetening unit was redesigned to accommodate the increased gas 
throughput resulting from internal recycle streams for CO2 and CH4 
recovery and utilization. Compared to the MB-CCS version, higher 
recycle ratios and additional circulating gas flows resulted in increased 
volumetric flow rates into the flue-gas membrane separation train. 
Consequently, larger membrane surface areas were required for modules 
M-102 and M-103 (each 3709.1 m2) and for the final enrichment module 
M-104 (339.3 m2) to maintain similar separation performance, moder
ate stage-cut levels, and acceptable pressure ratios. This design modifi
cation ensures that integrating the CCU does not reduce CO2 capture 
efficiency and prevents excessive energy penalties from recompression. 
Meanwhile, the membrane-based biogas upgrading unit remains un
changed from the MB-CCS setup, as the biogas feed composition and 
flow rate are the same in both cases.

It is worth noting that combining a membrane reactor with a 
membrane-based separation unit for the simultaneous recovery of H2 
and CO2 represents a relatively new process configuration. This setup 
has been specifically designed in this work to enable integrated reac
tion–separation functionality tailored for CCU applications.

2.3.2.1. Membrane-based CO2 hydrogenation unit. In the newly proposed 
configuration illustrated in Fig. 8, a membrane reactor (MR) is used to 
facilitate CO2 hydrogenation.

This reactor integrates a H2O-selective sodalite membrane (as spec
ified in Table 4) to remove water from the reaction zone selectively. This 
selective permeation shifts the reaction equilibrium toward the product 
side in accordance with Le Chatelier's principle.

In the MB-CCU scheme, this reactor receives two CO2-rich streams, 
labeled CO2–1 and CO2–2, which are captured from membrane-based 
biogas upgrading and flue gas sweetening units, respectively. These 
streams are blended with recycled stream 71 (see Table S7), which 
contains a hydrogen-carbon dioxide mixture obtained from the 
membrane-based CO2 and H2 recovery unit, supplemented with a 
hydrogen makeup stream (H2-MU) to optimize the hydrogen-to-carbon 
dioxide ratio at the reactor inlet. The resulting mixed stream, denoted 
as stream 52 (refer to Table S8), is then preheated using a heat 
exchanger (E103) and a furnace (F100) to a pressure of 10 bar and 
temperature of 300 ◦C (stream 54) before entering the sodalite mem
brane reactor (R-100 (MR)).

The output stream is then directed to the membrane-based CO2 and 
H₂ recovery unit for further purification. At the same time, the permeate 
stream (stream 54) is compressed in a two-stage compression system and 
sent through two phase separators for steam recovery. The treated 
permeate is recycled and merged with the incoming H2-CO2 mixture at 
the reactor inlet as stream 62 under the same operating conditions (10 
bar, 131.7 ◦C). The reactor simulation uses the same kinetic model as the 
conventional reactor.

The surface area of the sodalite membrane integrated into the 
membrane reactor was determined based on the required water-removal 
rate needed to effectively shift the reaction equilibrium toward products 
while maintaining stable reactor operation. A membrane area of 1260 
m2 was selected to ensure sufficient H2O permeation under the specified 
operating conditions, without inducing excessive reactant loss or addi
tional compression requirements. To account for component transport 
across the membrane [31], a source or sink term is included in the 
model. This term is defined by Eq. (13): 

Si =
A • Ji • Mi

V
(13) 

The permeation flux Ji is calculated based on Eq. (14): 

Ji = Pei
(
Pi,retentate − Pi,permeate

)
(14) 

where Ji (mol⋅m− 2⋅s− 1) is the membrane permeation flux of component 
i, Pe,i (mol⋅m− 2⋅s− 1⋅Pa− 1) and Pi,retentate and Pi,permeate are the partial 
pressures of component i on the retentate and permeate sides, respec
tively. This approach enables accurate prediction of conversion and 
selectivity in the membrane reactor by enhancing water removal and 
driving the reaction forward.

2.3.2.2. Membrane-based CO2/H2 recovery unit. In the MB-CCU config
uration, as in the conventional approach, the product stream exiting the 

Fig. 8. Aspen HYSYS simulation model of a membrane-based CO2 hydrogenation unit.

Table 4 
The sodalite membrane specifications used in the unit simulation 
[30].

Components Permeance (L(STP)/m2•h•bar)

H2O 4034
H2 403
CO 134
CO2 134
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CO2 hydrogenation unit requires recovery of unreacted CO2 and H2, as 
well as upgrading of the generated hydrocarbon fuels. This is achieved 
through a hybrid separation process illustrated in Fig. 9, which com
bines a two-stage membrane system with a distillation column. The 
membrane separation system comprises two silica-based membrane 
modules, M-105 and M-106, configured as proposed by Ghasemzadeh 
et al. [28]. These membranes are microporous ceramic types designed 
explicitly for H2 and CO2 separation, and their detailed specifications are 
listed in Table 5.

Initially, stream 66 enters membrane module M-105, where selective 
permeation of H2 and CO2 occurs. The permeate stream (stream P6) is 
cooled in the air cooler AC-114, compressed by compressor K-117, and 
further cooled in AC-101 to reach the specified operating conditions of 
2.8 bar and 42.44 ◦C (stream 69). This treated stream is then fed into the 
second membrane module (M-106) for enhanced purification of 
permeate components.

The retentate stream from M-106 (stream R7) is combined with the 
retentate from M-105 (stream R6) to form stream 72, which is directed 
to the next stage of processing. Simultaneously, the permeate stream 
from M-106 is compressed to 1 bar and 195 ◦C (stream 71) and recycled 
back to the membrane-based CO2 hydrogenation unit, thereby mini
mizing reactant loss and enhancing system efficiency.

The membrane surface areas of modules M-105 and M-106 were 
chosen to accommodate the increased flow rates and component recy
cling inherent to the MB-CCU system. Module M-105, with a membrane 
area of 2100 m2, is designed to handle the higher inlet flow rate of the 
reactor effluent and to carry out bulk separation of H₂ and CO2. 
Conversely, the second-stage module M-106 functions as a polishing 
step, requiring a smaller membrane area of 550 m2 to reach the desired 
permeate purity for recycling to the membrane reactor. The permeate 
stream from M-106 is recycled back to the membrane-based CO2 

hydrogenation reactor to minimize hydrogen and CO2 losses and 
improve overall carbon utilization efficiency. The selected membrane 
areas enable this recycle stream to be maintained at moderate flow rates, 
thereby avoiding excessive recompression work while preserving 
reactor feed composition and pressure. This integrated design guaran
tees reactant recovery and reuse without compromising the economic 
performance of the MB-CCU system. Stage-cut values in both membrane 
modules were kept within moderate limits to prevent excessive perme
ation, which could otherwise increase compression energy requirements 
and dilute the retentate streams.

The combined retentate stream (stream 72) is subsequently cooled 
using AC-116 and then passed through a two-phase separator to remove 
water. The resulting dried stream is compressed and directed through 
two heat exchangers (E-107 and E-108) before entering a distillation 
column (T-100), configured as a de-methanizer, to separate methane 
from heavier hydrocarbon components. The preheated stream (stream 
78) enters the distillation column at 28.81 bar and − 90 ◦C. The over
head product (stream 79) undergoes pressure reduction using a relief 
valve, followed by cooling in E-107, a three-stage compression and 
cooling sequence, and final conditioning in E-111. The resulting stream 
87, at 19.7 bar and 25 ◦C, is a methane-rich stream that is recycled to the 
CCPP for fuel reuse. Meanwhile, the bottom product from the distillation 
column (stream fuel) is considered the final upgraded hydrocarbon fuel. 
It represents the saleable output of the CO2 hydrogenation section 
within the MB-CCU configuration.

2.4. Economic assessment

An economic analysis was conducted to compare two carbon man
agement strategies, CCS and CCU, in biogas-fueled CCPPs, evaluating 
both membrane-based and conventional capture approaches. The capi
tal expenditures were estimated by calculating the total equipment cost 
(TEC) using empirical cost correlations for major process and auxiliary 
units. Installation factors were then applied to obtain the total installed 
cost (TIC) [33]. Equipment exposed to corrosive environments was 
assumed to be constructed from 304 stainless steel (material factor =
1.3) [34], whereas the rest was assumed to be constructed from carbon 
steel (material factor = 1.0) [25]. All correlations were updated to 2025 
economic conditions using the Chemical Engineering Plant Cost Index 
(CEPCI = 800.2) [35]. Table 6 summarizes the cost-estimation equations 

Fig. 9. Aspen HYSYS simulation model of a membrane-based CO2 & H2 recovery unit.

Table 5 
The silica membrane specifications used in the unit simulation [32]

Components Permeance (L(STP)/m2•h•bar)

H2 4015
CO 807
CO2 807
CH4 40
N2 50
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and installation multipliers used in this study.
These equations are tailored to various equipment categories, such as 

compressors, heat exchangers, columns, and membrane modules, and 
reflect realistic industrial-scale-up behavior.For technologies with lower 
Technology Readiness Levels (TRLs), a percentage-based adjustment 
factor, denoted as αTRL, must be added to the base equipment cost to 
account for technical uncertainty. According to IEAGHG (2021) [41], 
process contingency factors increase significantly at lower TRL values, 
exceeding 60% for TRL 3, ranging from 20% to 60% for TRL 4 to 6, and 
between 10% and 20% for TRL 7 to 8, while declining to 0–10% at TRL 
9. This reflects the inverse relationship between technological maturity 
and capital cost uncertainty. Chemical absorption using aqueous amines 
is currently the most mature CO2 capture technology, operating at TRL 9 
with widespread commercial application.

Adsorption and cryogenic methods have also reached TRL 7 to 9, but 
remain limited by material and energy constraints. In contrast, 
membrane-based CO2 separation is still at TRL 6 and requires further 
improvements in selectivity and permeance for large-scale deployment 
[42]. Membrane reactor technologies operate at TRL 5 to 6, reflecting 
successful pilot demonstrations; thus, a TRL-based cost multiplier should 
be applied [43]. The Battery Limits Investment (BLI) was determined as 
the aggregate of the TEC, TIC, and a contingency allowance. A contin
gency factor equal to 25% of the TIC was included to account for po
tential unforeseen expenditures and design-related uncertainties, as 
recommended by standard cost estimation practices [33]. Subsequently, 
the Total Fixed Capital (TFC) was calculated by adding the BLI to offsite 
costs, which encompass infrastructure, utility systems, and general 
service facilities located beyond the battery limits of the process area 
[24]. To quantify the Total Working Capital (TWC), a value equivalent 
to 25% of the TFC was assumed, reflecting the initial capital required to 
support plant operation, including raw material procurement, inventory 
buildup, and accounts receivable. Finally, the Total Capital Investment 
(TCI), representing the full financial requirement for plant construction, 
commissioning, and startup, was obtained by summing the TFC and 

TWC [24]. Operating expenditure (OPEX) is calculated in three steps. 
First, the 2025 base-year unit prices for raw materials, labour, utilities, 
and plant overhead (Table 7) are escalated at the assumed annual 
inflation rate of 2.5% [44,45]. Second, these inflation-adjusted cost 
streams are summed and reduced by the credit for the CO2 tax avoided 
through on-site capture. Third, the following items are added: (i) the 
statutory carbon levy on indirect emissions, (ii) the cost of transporting 
and storing the captured CO2, and (iii) the annual insurance charge, set 
at 2% of the TFC and indexed to inflation [46]. This procedure yields a 
coherent nominal OPEX profile that is fully consistent with the financial 
assumptions and is suitable for subsequent LCOE calculation. The LCOE 
represents the total cost of generating electricity, expressed in constant 
USD/MWh.

It is calculated by adding inflation-adjusted OPEX, book deprecia
tion, and a fixed-percentage corporate overhead (including G&A, sales, 
and R&D) to the levelized capital charge, which refers to the annualized 
form of the initial fixed capital investment. After subtracting the nitro
gen by-product credit, the discounted sum of these annual values is 
divided by the discounted lifetime net-electric output, yielding a single, 
comparable cost metric for power-generation technologies.

Finally, the model will quantify all key performance indicators 
required for a complete economic appraisal, including the total NPV, 
internal rate of return (IRR),(PBP, the LCOE in both USD/MWh and 

Table 6 
Equipment cost correlations and associated installation factors (updated to 2025 
prices).

Equipment Cost Eq. (2025) Installation 
Factor

Ref.

Adsorption Packages Ce (m$) = 0.25 × (kmole/h)0.6 1.1 [36]
Air Cooler Ce (m$) = 4.1 × 10− 2 × (m2)0.4 2.5 [37]

Column
Ce (m$) = 0.027 + (1.2 × 10− 4 ×

(kg)0.85) + N× (1.9 × 10− 4 + 6.6 ×
10− 4 (m)1.8)

4 [38]

Combustion Turbine Ce (m$) = 4 × 10− 4 × (kW) 1.3 [39]

Compressor (Blower)
Ce (m$) = 6.7 × 10− 3 + (8.6 × 10− 5 

× (m3/h)0.8) 2.5 [38]

Compressor 
(Centrifugal)

Ce (m$) = 0.9 + (0.03 × (kW)0.6) 2.5 [38]

Compressor 
(Reciprocating)

Ce (m$) = 0.4 + (4.1 × 10− 3 ×

(kW)0.75)
2.5 [38]

Heat Exchanger 
(Double Pipe)

Ce (m$) = 2.9 × 10− 3 + (3.8 × 10− 3 

× (m2)) 3.5 [38]

Heat Exchanger 
(Shell & Tube)

Ce (m$) = 4.8 × 10− 2 + (1.1 × 10− 4 

× (m2)1.2)
3.5 [38]

HRSG and Ducting Ce (m$) = 2 × 10− 4 × (kW) 1.3 [39]

Kettle Reboiler Ce (m$) = 4.4 × 10− 2 + (6 × 10− 4 ×

(m2)0.9)
3.5 [38]

Membrane Module +
Frame Cost

Ce (m$) = (αTRL + 1)) × 1 × 10− 4 

(m2) + (9 × 10− 3 × (m2)0.88)( 1.01 [27]

Pump
Ce (m$) = 0.01 + (3.6 × 10− 4 ×

(Lit/s)0.9) + (3 × 10− 3 × (kW)0.6) 4 [38]

Pressure Vessel 
(Horizontal)

Ce (m$) = 0.019 + (1.1 × 10− 4 ×

(kg)0.85)
4 [38]

Pressure Vessel 
(Vertical)

Ce (m$) = 0.027 + (1.2 × 10− 4 ×

(kg)0.85)
4 [38]

Reactor Ce (m$) = 1.37 × (m3)0.85 2.5 [38]

Syngas Unit
Ce (m$) = 0.075 + (0.038 ×

(MMSCFD)0.8) 2 [40]

Table 7 
Unit prices of key raw materials and utilities for techno-economic analysis 
(2025).

Name Unit Price Unit Ref.

Biogas 6.8 USD/MWh [47]
Natural Gas (SynGas Fees & Fuel) 17.1 USD/MWh [48]

CO2 Tax 50.0 USD/t [49]
45Q Tax Credit 85.0 USD/t
Cooling Water 0.1 USD/t [50]

High Pressure (HP) Steam (Byproduct Sale) 10.0 USD/t. [50]
Low-Pressure (LP) Steam 6.0 USD/t [50]
Nitrogen-rich utility gas 15.0 USD/t [51]

Electricity (Main Product Sale) 120.0 USD/MWh [52]
Refrigerant 30.7 USD/MWh [29]

Fuel 450.0 USD/t [48]

Table 8 
Technical KPIs for the techno-economic assessment [33,54].

Parameter Unit Equation

Chemical Efficiency (CE) – CE =
ṁfuel.LHVLfuel

ṁBG • LHVBG

BioGas Demand (BGD) – BGD =
ṁBG • LHVBG

Pnet

Cooling Water Demand (CWD) – CWD =
QCW

Pnet

LP Steam Demand (LPSD) – LPSD =
QLPS

Pnet

HP Steam Demand (HPSD) – HPSD =
QHPS

Pnet

Furnace Fuel Demand (FFD) – FFD =
QFF

Pnet

Refrigerant Demand (RD) – RD =
QREF

Pnet

Total Energy Demand (TED) – TED =
QTotal

Pnet

Generated CO2 (PCO2) t/MWh GCO2 =
ṁgenerated CO2

Pnet

Specific Residence Time (SRT) min/MW SRT =
τ

Pnet

N2 Rich Output (NRO) t/MWh NRO =
ṁN2

Pnet

Fuel Output (FO) t/MWh FO =
ṁFuel

Pnet

Wastewater Output (WO) t/MWh WO =
ṁwaste water

Pnet
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MUSD/Year, and the levelized cost of net carbon (LCNC, USD. ton− 1 

CO2), and the annual net profit.

2.5. Technical performance indicators

A concise set of key performance indicators (KPIs) has been defined 
to benchmark conventional and membrane-based CCS and CCU con
figurations in biogas-fired combined-cycle power plants. As outlined in 
Table 8, these indicators are categorized into three dimensions: con
version efficiency, defined as the ratio of the fuel's chemical energy 
converted into net electric power; resource intensity, which accounts for 
the specific consumption of biogas, cooling water, LP and HP steam, 
furnace fuel, refrigerant, and overall energy per unit of net output; and 
system outputs, encompassing both the net carbon dioxide emissions 
(direct and indirect) and secondary by-products such as wastewater and 
nitrogen-rich streams. This structured framework directly links resource 
consumption, system outputs, and operating costs, providing a consis
tent base for comparing CCS and CCU scenarios.

3. Results and discussion

3.1. Model comparison with literature data

The biogas upgrading and flue gas sweetening data were fully vali
dated against published data, following the work done by Cavaignac 
et al. [53] (see Supplementary Tables S9 - S11). For the conventional 
amine-based biogas upgrading unit, the key stripper performance met
rics (reboiler heat duty and HHV) yielding a match within 1% of the 
values from the literature.

At the absorber outlet, the CH4 and N2 mass fractions show de
viations of approximately 1.2% and − 4.6%, respectively, while the 
trace components (CO2, CO, H2S, and H2O) exhibit relative errors in the 
range of 10–20%. These deviations for trace species, which are present 
only in very small concentrations (ppm level), are amplified in per
centage terms but remain negligible with respect to overall process 
performance.

The membrane-based flue gas sweetening unit, as investigated by 
Rahimalimamaghani et al. [27], showed excellent agreement with the 
reference data. The deviations between our simulation and the reported 
values were less than 1.2% for the total membrane surface areas, under 
1.6% for the overall permeate flow rates, and below 2% for the outlet gas 
compositions (CH4, CO2, and N2) in the membranes.

Similarly, the combined-cycle power plant model, following IHS 
Markit [39], matched advanced technology reference values to within 
1% for gas compositions and 3% for net power output (Table 9).

Finally, the CO2 hydrogenation reactor simulation, based on Do and 
Kim [29], reproduced all Stream 3 values exactly and Stream 4 
component flows within a maximum relative error of 3.33% (Table 10). 
Taken together, these results confirm that each unit operation has been 
modeled with very high accuracy and can be used with confidence for 
subsequent process analysis. The detailed explanations and supple
mentary discussion related to Tables 9 and 10 are provided in the 
Supplementary Information file.

3.2. Technical comparison of CCPPs

The key process stream specifications for the four configurations 
investigated in this study are presented in Tables S12-S15. These tables 
summarize the simulation results for the C-CCS, MB-CCS, C-CCU, and 
MB-CCU systems. For each primary stream, essential parameters are 
reported, including vapor fraction, temperature (◦C), pressure (bar), 
mass flow rate (kg/h), molar flow rate (kgmol/h), heat flow (kcal/h), 
and component composition in mole fractions. These data are crucial for 
economic analysis, evaluating unit performance, and validating the 
process models across different carbon capture and utilization scenarios.

Fig. 10 presents the distribution of total energy consumption by 
energy type, including cold utilities, hot utilities such as steam and fuel, 
and electric power across the four modeled configurations. In the C-CCS 
system, hot and cold utilities dominate the energy profile, accounting for 
33% and 55% of the total demand, respectively. This is primarily 
attributed to the extensive use of LP steam in the biogas upgrading and 
flue gas sweetening units, along with significant cooling requirements in 
the combined cycle power plant. In contrast, the MB-CCS configuration 
eliminates all hot utility consumption, resulting in a sharp shift toward 
cold energy (76%) and electrical power (24%). This transition reflects 
the replacement of steam-based solvent regeneration with membrane- 
based separations, which rely heavily on gas compression and cooling.

A similar trend is observed in the transition from conventional to MB- 
CCU systems. The C-CCU pathway exhibits a balanced but resource- 
intensive energy profile, with 71% cold, 22% hot, and 7% electric 
power contributions. The demand for hot utilities remains high due to 
steam consumption in the CO2/H2 recovery section and furnace heating 
in the CO2 hydrogenation unit. However, in the MB-CCU system, the 
energy profile becomes overwhelmingly dominated by cold utilities 
(83%), with reduced shares of hot (5%) and power (12%) utilities. This 
reflects the minimization of thermal input through electrified separa
tions and the use of refrigerant-based recovery systems. Overall, the 
analysis highlights a fundamental shift from thermal to mechanical and 
cooling utilities as membrane technologies are integrated, with impli
cations for system design, energy sourcing, and the operational cost 
structure.

Fig. 11 illustrates the unit-wise distribution of total energy con
sumption across the four configurations. In C-CCS, energy demand is 
relatively balanced among the combined cycle power plant (49%), flue 
gas sweetening unit (30%), and biogas upgrading unit (21%), reflecting 
the combined impact of cooling and steam utilities. However, in the MB- 
CCS system, energy is highly concentrated in the power plant (83%), 
whereas contributions from upgrading and sweetening units decline 
sharply due to the elimination of steam use and the reliance on 
compression and cooling.

In the C-CCU, energy consumption is more evenly distributed, with 
the CO2 hydrogenation unit (49%) as the primary consumer due to its 
intensive cooling and fuel requirements. The recovery and power units 
also contribute significantly. In contrast, MB-CCU exhibits a highly 
centralized energy profile, with the hydrogenation reactor alone ac
counting for 64% of total energy demand, whereas the recovery and 
sweetening units consume minimal energy. This shift toward energy 

Table 9 
Comparison of Reference and Simulated Advanced Technology Outputs: Final Outlet Composition, Total Flow, and Net Power [29].

Parameter Unit Reference Simulation Absolute Error Relative Error (%)

• N2 fraction % 73.4 73 – 0.40 – 0.55
• O2 fraction % 13.68 13.6 – 0.08 – 0.58
• CO2 fraction % 6.09 6.05 – 0.04 – 0.66
• H2O fraction % 5.58 5.52 – 0.06 – 1.07
• Ar fraction % 1.26 1.27 0.01 0.79
• CH4 fraction % 0 0 0 0.00

Total Flow (Stream 9) lb/h 5,598,285 5,550,000 − 48,285 – 0.86
Net Power (Advanced) MW 460 446.2 − 13.8 – 3.00
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intensification in fewer units, particularly in membrane configurations, 
complements the transition from thermal to mechanical energy dis
cussed in Fig. 10, with clear implications for process optimization and 
utility integration.

3.3. Comparative KPI Analysis of CCS and CCU Configurations

Fig. 12 presents a comparative assessment of key performance in
dicators (KPIs) normalized per 1 MW of net electricity for the C-CCS, 
MB-CCS, C-CCU, and MB-CCU configurations. In the CCS schemes, the 
captured CO2 is directed to storage and no fuel is produced; conse
quently, their chemical efficiency is zero. In contrast, the CCU 

configurations convert the separated CO2 into valuable products, 
resulting in positive chemical efficiencies. Among them, C-CCU exhibits 
the highest value (0.34), marginally exceeding MB-CCU (0.31).

Although the absolute biogas feed rate remains constant across all 
scenarios, the BioGas Demand (BGD) index is higher in membrane-based 
systems (2.11 vs. 1.97 in CCS and 1.80 vs. 1.42 in CCU). This difference 
primarily reflects the lower net electricity output of the membrane 
configurations due to additional internal power consumption (e.g., 
compressors and auxiliary equipment), rather than an increase in actual 
biogas throughput.

Utility requirements reveal substantial structural differences be
tween capture-only and utilization pathways. The CCU configurations 

Table 10 
Validation of CO2 Hydrogenation Reactor Stream Compositions and Flows.

Stream T (◦C) P (bar) Component Unit Reference Simulation Absolute Error Relative Error (%)

3 300 10

Total Flow kmol/h 318,350 318,350 0 0
CO2 kmol/h 77,630 77,630 0 0
H2 kmol/h 236,588 236,588 0 0
O2 kmol/h 0 0 0 0

H2O kmol/h 0.00% 0 0 0
CO kmol/h 1755 1755 0 0
CH4 kmol/h 351 351 0 0
C2H4 kmol/h 951 951 0 0
C2H6 kmol/h 86 86 0 0
C3H6 kmol/h 731 731 0 0
C3H8 kmol/h 51 51 0 0
C4H8 kmol/h 176 176 0 0
C4H10 kmol/h 32 32 0 0

C5
+ kmol/h 0.00% 0 0 0

4 300 10

Total Flow kmol/h 295,889 300,000 4111 1.39
CO2 kmol/h 60,724 61,500 776 1.28
H2 kmol/h 192,592 195,000 2408 1.25
O2 kmol/h 0 0 0 0

H2O kmol/h 29,534 3000 466 1.58
CO kmol/h 6035 6100 65 1.08
CH4 kmol/h 1435 1460 25 1.74
C2H4 kmol/h 2179 2200 21 0.96
C2H6 kmol/h 351 360 9 2.56
C3H6 kmol/h 1649 1680 31 1.88
C3H8 kmol/h 237 240 3 1.27
C4H8 kmol/h 821 830 9 1.1
C4H10 kmol/h 150 155 5 3.33

C5
+ kmol/h 183 185 2 1.09

Fig. 10. Comparative Breakdown of Total Energy Demand by Energy Type (Power, Hot, and Cold) Across Conventional and Membrane-Based CCS and CCU 
Configurations.
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require significantly higher cooling water demand (4.20–4.63), 
approximately three to four times that of CCS (1.16–1.26), owing to 
synthesis reactions and downstream condensation processes. Impor
tantly, membrane integration leads to a pronounced reduction in LP 
steam demand. MB-CCS eliminates LP steam consumption entirely (0.00 
vs. 0.76 in C-CCS), while MB-CCU reduces it drastically (0.02 vs. 1.25 in 
C-CCU). This reduction is primarily due to the use of membrane based 
separation units for biogas upgrading and for post combustion CO2 
removal. In contrast, conventional amine absorption systems require a 
significant amount of LP steam because solvent regeneration in the 
stripper reboiler is an energy intensive step. Since membrane separation 
relies only on pressure driven transport and does not involve any solvent 
regeneration, the membrane based configuration requires no LP steam.

Consequently, the total energy demand of MB-CCS decreases to 1.16, 
corresponding to a 42.6% reduction compared with conventional CCS 
(2.02). Likewise, MB-CCU achieves a 12.8% lower total energy demand 
than C-CCU (4.94 vs. 5.57), mainly driven by the substantial decrease in 
thermal utility requirements.

Regarding carbon management, it is important to distinguish be
tween storage and utilization pathways. In CCS configurations, the 
separated CO2 is permanently stored, whereas in CCU configurations it is 
internally consumed and transformed into products. The “Generated 
CO2” indicator therefore represents the quantity of CO2 separated from 
biogas upgrading and flue-gas sweetening per unit of net electricity. MB- 

CCS exhibits nearly identical values to C-CCS (0.71 vs. 0.70 t/MWh), 
indicating comparable capture performance. In the CCU configurations, 
MB-CCU shows a higher normalized value (1.52 vs. 1.26 t/MWh), which 
is largely attributed to the lower net power output of the membrane case 
rather than a proportionally higher absolute CO2 generation.

Membrane integration further improves the recovery of the N2-rich 
stream in both operational modes, increasing the normalized output by 
14.3% in CCS (2.71 vs. 2.37 t/MWh) and 19.9% in CCU (3.19 vs. 2.66 t/ 
MWh). In addition, MB-CCU delivers a 25% higher fuel output (0.20 vs. 
0.16 t/MWh). Notably, the specific residence time (SRT) decreases from 
0.45 to 0.17 min/MW in the membrane-based CCU case, corresponding 
to an approximately 62% reduction. Under comparable hydrodynamic 
and operating conditions, residence time scales with reactor holdup 
volume; therefore, this reduction implies that the required reactor vol
ume per unit of net power can be reduced by a similar order of magni
tude. Such volumetric downsizing directly translates into meaningful 
capital cost savings by lowering reactor size, associated internals, and 
auxiliary equipment requirements, thereby strengthening the techno- 
economic attractiveness of the membrane-integrated CCU pathway.

Overall, membrane integration demonstrates tangible structural 
advantages in both CCS and CCU pathways. In MB-CCS, the substantial 
reduction in thermal utility demand—particularly the elimination of 
low-pressure steam—translates into a markedly lower total energy 
requirement without compromising carbon capture performance. In 

Fig. 11. Comparative Unit-Wise Distribution of Total Energy Consumption in Conventional and Membrane-Based CCS and CCU Systems.

Fig. 12. KPI comparison per 1 MW of net power for C-CCS, MB-CCS, C-CCU, and MB-CCU.
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MB-CCU, the pronounced decrease in specific residence time reflects 
enhanced mass transfer and reaction effectiveness, enabling a signifi
cantly smaller reactor volume per unit of power and, consequently, 
meaningful reductions in capital expenditure. The observed improve
ments in fuel output and recovery of the N2-rich stream further indicate 
strengthened separation efficiency and process integration. Although 
membrane systems impose a higher internal electricity load, this rep
resents a shift in energy form rather than a fundamental penalty, 
aligning the process more closely with electrified and renewable-based 
energy infrastructures.

3.4. Comparative Economic Analysis of all proposed schemes

Fig. 13 compares the cost breakdowns of the various proposed 
schemes. As shown, replacing the conventional MEA absorber column 
with a membrane train reduces the overall capital requirement of the 
stand-alone CCS scheme by approximately 12%. Although the additional 
membrane modules increase the vessel and membrane costs from 0.6 
MUSD to 1.6 MUSD, the compact configuration enables smaller com
pressors, pumps, and heat exchangers. As a result, the total equipment 
cost remains almost unchanged, increasing only slightly from 8.2 to 8.4 
MUSD. The main savings arise from site-related expenses. Eliminating 
the 30 m column, deep foundations, and extensive piping reduces 
installation costs by 18%, from 17.2 to 14.1 MUSD, while offsite facil
ities decrease by 11%, from 5.4 to 4.8 MUSD. These reductions are re
flected in the overall capital structure, with total fixed capital decreasing 
from 32.6 to 28.7 MUSD and working capital from 8.2 to 7.2 MUSD. 
Consequently, total capital cost declines from 40.8 to 35.9 MUSD, cor
responding to an overall reduction of about 12%.

The economic advantage becomes more pronounced when the cap
ture unit is integrated with a CO2 valorization loop. Replacing the large 
slurry-phase reactor or adsorption section with a compact membrane 
reactor reduces reactor and adsorption costs from 11.9 to 5.8 MUSD. 
Together with simplified heat-exchange requirements, this reduces the 
total equipment cost by about 16%, from 25.9 to 21.7 MUSD. The 
smaller process footprint further lowers installation costs by 28%, from 
56.0 to 40.5 MUSD, and reduces offsite infrastructure costs by 24%, from 
17.5 to 13.3 MUSD. As a result, total fixed capital decreases from 104.9 
to 79.5 MUSD and working capital from 26.2 to 19.9 MUSD. Overall 
capital expenditure is reduced from 131.1 to 99.4 MUSD, representing a 
24% saving. In both CCS and CCU configurations, the primary economic 
benefit of membrane integration stems from reduced installation in
tensity rather than significant changes in base equipment pricing. A 
detailed comparative breakdown of major equipment cost components 
and unit-wise distribution for all four configurations (C-CCS, MB-CCS, C- 
CCU, and MB-CCU) is provided in the Supplementary Information 
(Figs. S6 and S7). Fig. 14 presents a unit-wise breakdown of CAPEX for 
conventional, MB-CCS, and CCU configurations. In the C-CCS case, the 

combined cycle power plant represents 52% of CAPEX, while the flue 
gas sweetening unit and the biogas upgrading unit contribute 29% and 
19%, respectively. In the MB-CCS configuration, the combined-cycle 
power plant share rises to 58%, while the flue gas sweetening unit 
share falls to 27% and the biogas upgrading unit share to 15%. This shift 
reflects the redistribution of capital across units associated with the 
membrane-based layout, while the power island remains the dominant 
contributor.

In the C-CCU configuration, the CO2 hydrogenation unit accounts for 
41% of capital costs, followed by the CO2/H2 recovery unit at 20%, the 
combined cycle power plant at 22%, the flue gas sweetening unit at 
11%, and the biogas upgrading unit at 6%. Upon integration of mem
branes, the CCU layout shows the hydrogenation unit remaining at 41% 
of expenditure, with the recovery unit at 12%, the flue gas sweetening 
unit at 13%, the combined cycle plant at 29%, and the biogas upgrading 
unit at 5%. The pronounced dominance of the hydrogenation step in 
both cases underscores its role as the principal driver of capital re
quirements in CCU systems.

Looking at the results in terms of operating expenditure (OPEX) 
across all four CCS and CCU configurations (Fig. 15), in the C-CCS sys
tem, the combined cycle power plant accounts for the largest share of 
OPEX (47%), followed by the flue gas sweetening unit (29%) and the 
biogas upgrading unit (24%). This distribution reflects the substantial 
utility and maintenance costs associated with steam regeneration and 
power generation. In contrast, in the MB-CCS configuration, the CCPP 
dominates the OPEX profile, accounting for 75%, while the sweetening 
and upgrading units contribute 16% and 9%, respectively. This shift 
aligns with the transition toward compression-driven processes, which 
elevate electricity-related operational costs.

For C-CCU, the cost distribution becomes more diversified due to the 
inclusion of downstream synthesis steps. The CO2 hydrogenation unit 
emerges as the primary cost driver, accounting for 51% of total OPEX, 
followed by the CCPP (22%) and the CO2/H2 recovery unit (18%). The 
MB-CCU configuration shows a similar trend, with the hydrogenation 
unit maintaining a dominant share (49%) and the CCPP and recovery 
units contributing 25% and 11%, respectively. The biogas upgrading 
and sweetening units consistently represent minor cost components in 
all CCU cases. Overall, these findings highlight the economic burden of 
fuel synthesis and power generation, underscoring the need to optimize 
costs in high-energy units when shifting from conventional to 
membrane-based systems and from capture-only to utilization scenarios.

Table 11 compares the key financial performance indicators for the 
four configurations. Membrane integration significantly enhances eco
nomic viability across both CCS and CCU applications. In CCS systems, 
the membrane-based pathway increases NPV from 72 to 86 MUSD, 
raises IRR from 16.8% to 20.3%, and shortens the payback period from 
8.9 to 6.9 years. In parallel, LCOE decreases from 101 to 79 USD/MWh, 
reflecting improved cost efficiency in electricity generation. However, 
LCNC increases from 207 to 254 USD/t CO2, indicating a higher cost per 
ton of avoided CO2 under the membrane-based configuration. Net profit 
also rises modestly from 6.9 to 7.4 MUSD/year, confirming a moderate 
improvement in overall project profitability.

In CCU configurations, membrane integration yields greater finan
cial gains. NPV increases from 135 to 169 MUSD, IRR rises from 12.6% 
to 15.6%, and the payback period decreases from 12.6 to 10.2 years. Net 
profit improves slightly from 25.0 to 25.7 MUSD/year. In contrast to the 
CCS case, LCNC decreases from 161 to 138 USD/t CO2, indicating 
improved carbon-cost performance for utilization pathways. A sub
stantial reduction in LCOE is also observed, from 98 to 42 USD/MWh, 
highlighting the stronger economic leverage of membrane integration 
when coupled with CO2 utilization. Overall, the results suggest that 
membrane-based configurations enhance financial attractiveness in 
both capture-only and utilization scenarios, with particularly notable 
benefits in CCU systems due to improved revenue generation and lower 
carbon cost intensity.Fig. 13. Capital-Cost Breakdown Across Conventional and Membrane-Based 

CCS and CCU Configurations.
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3.5. Sensitivity analysis

Fig. 16 presents a comprehensive parametric sensitivity analysis of 
the LCOE and PBP for conventional and membrane-based CCS and CCU 
configurations. The figure evaluates the response of financial indicators 
to variations in major economic parameters such as feedstock cost, 
utility prices, and policy-related charges, thereby assessing the financial 
resilience of each configuration under different market scenarios.

Biogas cost exhibits a pronounced impact on system economics. A 
300% increase in its price results in a substantial rise in the LCOE across 
all configurations. For example, in the MB-CCU case, LCOE increases 
from 49 to 148 USD/MWh, while the PBP extends from 10.3 to 13.4 
years. In MB-CCS, LCOE rises from 54 to 153 USD/MWh, and PBP in
creases from 6.2 to 10.7 years. This confirms that all pathways remain 
sensitive to feedstock pricing, although CCS configurations maintain 
shorter payback periods than CCU cases across the range.

Fig. 14. Comparative Unit-Wise Distribution of CAPEX in Conventional and Membrane-Based CCS and CCU Configurations.

Fig. 15. Comparative Unit-Wise Distribution of OPEX in Conventional and Membrane-Based CCS and CCU Configurations.

Table 11 
Comparison of Key Financial Performance Metrics for Conventional vs. 
Membrane-Based CCS and CCU Configurations.

Parameter C-CCS 
(MUSD)

MB-CCS 
(MUSD)

C-CCU 
(MUSD)

MB-CCU 
(MUSD)

Total NPV 
(MUSD) 72 86 135 169

IRR,% 16.8 20.3 12.6 15.6
PBP, Year 8.9 6.9 12.6 10.2

LCOE (USD/ 
MWh)

101 79 98 42

LCNC (USD/t 
CO2)

207 254 161 138

Net Profit 
(MUSD/year) 6.9 7.4 25.0 25.7
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Fig. 16. Sensitivity Analysis of LCOE and Payback Period to Key Economic Inputs across Conventional and MB-CCS and MB-CCU Pathways.
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The electricity price primarily affects payback rather than LCOE in 
the presented tables. As electricity prices increase from − 100% to 
+300%, the PBP of MB-CCU decreases from 23.0 to 3.8 years, while that 
of C-CCU decreases from 32.0 to 4.0 years. In the zero-price case, CCS 
configurations do not achieve capital recovery within a practical project 
lifetime. This demonstrates the strong dependence of project viability on 
power market conditions and electricity incentives.

Nitrogen-rich utility shows a dual and somewhat counterintuitive 
effect. As the nitrogen-rich utility price increases from − 100% to 
+300%, LCOE rises, for example, in the MB-CCU case from 70 to 85 
USD/MWh, while PBP simultaneously improves from 14.2 to 6.3 years. 
This behavior arises because higher nitrogen-rich utility revenue 
strengthens project cash flow and shortens the payback period, but it 
also affects tax calculations and cost allocation within the LCOE 
framework. Consequently, although LCOE increases, overall financial 
performance improves, as evidenced by a shorter payback period, driven 
by enhanced revenue streams.

HPS cost affects only the CCU configurations, as this utility is asso
ciated with the hydrogenation and syngas-related sections and is absent 
from CCS pathways. CCU systems show strong sensitivity to variations in 
HPS pricing. As HPS cost changes from − 100% to +300%, LCOE in the 
MB-CCU case decreases from 313 to − 964 USD/MWh, while the 
payback period improves from 23.8 years to 2.8 years. A similar pattern 
is observed in C-CCU, where LCOE decreases from 307 to − 696 USD/ 
MWh, and the system shifts from failing to achieve capital recovery at 
low HPS values to a 3.3-year payback period at high HPS values. The 
negative LCOE values indicate that the revenue associated with HPS 
becomes sufficiently large to outweigh the annualized production costs, 
effectively transforming electricity into a secondary revenue stream. In 
this situation, overall project profitability is primarily driven by 
coproduct value rather than power generation alone.

CO2 storage cost affects only CCS pathways. As storage cost increases 
from − 100% to +300%, LCOE in C-CCS rises from 89 to 137 USD/MWh, 
and PBP increases from 8.3 to 11.1 years. MB-CCS shows a similar trend, 
with LCOE rising from 67 to 116 USD/MWh and PBP from 6.6 to 8.4 
years. CCU configurations remain unaffected.

Carbon tax exerts a strong influence across all systems. As the carbon 
tax increases from − 100% to +300%, LCOE in MB-CCU decreases from 
257 to − 353 USD/MWh, and PBP improves from 19.1 to 5.1 years. CCS 
pathways also benefit, with C-CCS PBP decreasing from 14.6 to 3.9 
years. Negative LCOE values at high carbon pricing reflect the domi
nance of carbon credit revenue over annualized electricity production 
costs.

Cooling water cost moderately affects CCS but strongly impacts CCU. 
In MB-CCU, LCOE increases from − 86 to 553 USD/MWh, and PBP in
creases from 7.8 years to a point where the system does not achieve 
capital recovery at high cooling cost levels. CCS pathways remain 
comparatively stable, with PBP ranging from 7.3 to 21.3 years in C-CCS 
and 5.9 to 13.3 years in MB-CCS.

Low-pressure steam shows a limited impact. In C-CCS, LCOE in
creases from 88 to 139 USD/MWh, and PBP rises from 8.3 to 11.3 years. 
In C-CCU, LCOE increases from 76 to 162 USD/MWh, and PBP from 11.8 
to 15.6 years, confirming a secondary influence relative to major energy 
carriers. Refrigerant cost affects only CCU configurations. As refrigerant 
price increases from − 100% to +300%, LCOE in MB-CCU increases from 
69 to 89 USD/MWh, while PBP changes only slightly from 10.9 to 11.4 
years, indicating a comparatively minor financial impact. The cost of 
natural gas significantly affects CCU systems that rely on syngas pro
duction. As natural gas prices increase from − 100% to +300%, the 
LCOE of the MB-CCU increases from − 96 to 584 USD/MWh; above 
+150%, the system does not achieve capital recovery. CCS configura
tions remain largely unaffected, confirming their lower exposure to 
natural gas price volatility.

Direct hydrogen purchase, rather than producing hydrogen inter
nally from a syngas package, is the most critical economic risk in CCU 
systems. When hydrogen is externally supplied at market prices, the 

project becomes highly exposed to price volatility. As an alternative, this 
study considers the integration of an on-site syngas production package 
in which natural gas serves as the primary feedstock. In this configura
tion, hydrogen is generated internally through reforming, and the 
associated HPS produced during the process is recovered as a valuable 
by-product. Assuming an effective hydrogen production cost of 
approximately 1500 USD/t under this integrated setup, the sensitivity 
analysis demonstrates markedly improved economic stability compared 
to direct hydrogen purchase.

When hydrogen is purchased at prevailing market prices (around 
3000 USD/t), CCU pathways rapidly lose economic viability, and capital 
recovery cannot be achieved within a practical project lifetime under 
moderate price increases.

In contrast, when hydrogen is produced internally via the syngas 
package and the steam by-product is valorized, both LCOE and PBP 
improve significantly, consistent with the HPS sensitivity results. The 
additional steam revenue strengthens cash flow and partially offsets 
fluctuations in natural gas prices.

These results clearly indicate that purchasing hydrogen at high 
market prices is not economically rational for CCU configurations. 
Sustainable operation requires either on-site hydrogen production 
through reforming or reliable access to structurally low-cost hydrogen 
sources. Without such integration, CCU economics remain highly 
vulnerable to hydrogen price volatility and struggle to deliver accept
able investment returns.

In summary, biogas, electricity, hydrogen, natural gas, and carbon 
pricing are the dominant economic drivers shaping both LCOE and 
payback. Utility parameters such as steam and refrigerant have sec
ondary influence. Negative LCOE values arise when coproduct or policy 
revenues exceed annualized electricity production costs and should be 
interpreted as strong net profitability rather than negative physical 
generation cost.

Fig. 17 presents a sensitivity analysis of LCOE and PBP for MB-CCS 
and MB-CCU systems, highlighting the effects of membrane cost and 
lifetime. The base case assumes a CMS membrane lifetime of 3 years and 
a membrane cost as listed in Table 6. The cost of CMS membranes 
significantly affects both metrics. A 100% cost reduction lowers LCOE to 
71 USD/MWh (CCS) and 63 USD/MWh (CCU), with PBPs decreasing to 
5.8 and 10.1 years, respectively. Conversely, a 300% cost increase raises 
LCOE to 104 USD/MWh (CCS) and 106 USD/MWh (CCU), while PBPs 
increase to 11.4 and 13.9 years, respectively.

Increasing CMS lifetime from 1 to 9 years decreases LCOE from 97 to 
71 USD/MWh for CCS and from 97 to 63 USD/MWh for CCU. Over the 
same range, PBP decreases from 7.6 to 6.7 years in CCS and from 11.7 to 
10.7 years in CCU, indicating a moderate but consistent improvement in 
financial performance.

Silica membrane cost has a relatively modest influence on CCU 
economics, with LCOE ranging from 72 to 79 USD/MWh and PBP 
changing slightly from 10.8 to 11.5 years.

Extending silica membrane lifetime from 1 to 9 years reduces LCOE 
from 77 to 72 USD/MWh, while PBP remains nearly constant around 
11.1 to 10.9 years, indicating limited sensitivity to this parameter. 
Reactor membrane cost has a stronger impact on CCU performance. As 
its cost varies from − 100% to +300%, LCOE changes from 62 to 109 
USD/MWh, and PBP increases from 10.0 to 14.1 years. Increasing 
reactor membrane lifetime from 1 to 9 years decreases LCOE from 106 to 
59 USD/MWh, while PBP improves from 11.9 to 10.6 years, showing 
that durability improvements provide incremental but measurable 
economic benefits.

Overall, both membrane cost and membrane lifetime play important 
roles in the economic performance of membrane based CCS and CCU 
systems. The sensitivity analysis shows that increasing membrane life
time improves the economic indicators, leading to lower LCOE and 
shorter PBP. However, the results also indicate that the system eco
nomics are more sensitive to membrane cost than to membrane lifetime, 
since membrane price directly affects the initial capital investment, 
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whereas replacement costs occur later during plant operation and are 
discounted in the economic evaluation. Therefore, reducing membrane 
cost while simultaneously improving membrane durability, particularly 
for CMS and reactor membranes, remains a key factor for enhancing the 
techno economic feasibility of these systems.

4. Conclusion and future trends

This study presents a unified techno-economic assessment of con
ventional and membrane-enabled CCS and CCU integrated into small- 
scale biogas-fired combined-cycle power plants. For the first time, a 
fully membrane-based post-combustion CO₂ capture unit for CCS and a 
membrane reactor–assisted CCU configuration are evaluated side by 
side within a consistent Aspen HYSYS framework under identical system 
boundaries. All subsystems were simulated and validated against 
reference data (±5%). Membrane integration improved energy perfor
mance by eliminating hot-utility demand and reducing specific energy 
consumption by 43% in CCS. At comparable CO₂ conversion, the 
membrane reactor achieved higher hydrocarbon selectivity at shorter 
residence times and smaller reactor volumes than the conventional 
reactor, demonstrating clear process-intensification benefits. Specif
ically, the specific residence time decreased by approximately 62%, 
indicating a comparable reduction in required reactor volume per unit 
power and associated capital expenditure. Capital expenditure 
decreased by 12% for CCS and up to 24% for CCU. For CCS, NPV 
increased from 72 to 86 MUSD, IRR from 16.8% to 20.3%, and payback 
shortened from 8.9 to 6.9 years. For CCU, NPV rose from 135 to 169 
MUSD, IRR from 12.6% to 15.6%, and payback decreased from 12.6 to 
10.2 years. Although membrane reactor-assisted CCU required higher 
utilities, it increased value-added fuel production by 31.3%, high
lighting the trade-off between intensified conversion and energy de
mand. Sensitivity analysis identified membrane cost, lifetime, and utility 
prices as the main LCOE drivers. In syngas-based CCU, a 300% rise in 

natural gas prices increased LCOE from − 96 to 584 USD/MWh, while 
hydrogen prices above 3000 USD/t rendered several pathways unviable. 
Overall, membrane-enabled CCS and CCU offer substantial energy and 
economic benefits for decentralised biogas-fired power systems, pro
vided membrane performance and hydrogen costs are optimised.
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