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A B S T R A C T   

Conversion technologies with low environmental impact and high energetic efficiency are needed to ensure 
clean, efficient, and cost-effective exploitation of renewable carbonaceous fuels like biogas. In the present study, 
the Chemical Looping Reforming of biogas is proposed and numerically investigated to pursue this goal. Pre
liminarily, a thermodynamic model was implemented by means of the Aspen Plus® commercial software to 
identify the conditions where carbon formation and deposition do not occur. A simple hydrodynamic model of a 
Dual Fluidized Bed reactor coupled with a 1D, static, and isothermal kinetic model was adopted. The effects of 
variations in biogas composition (namely, CH4:CO2 ratio and water content) and in other relevant process pa
rameters (e.g., the oxygen-to-fuel ratio and FR operating temperature) on the process performances in terms of 
the reactants conversion degree, syngas yield, and syngas composition were assessed and critically discussed. 
Very high conversion degree for both CH4 (93%) and CO2 (87%), as well as syngas yield ranging up to 3.74, were 
evaluated.   

1. Introduction 

To achieve climate neutrality by 2050, the European Commission 
expects EU members to reduce carbon dioxide emissions into atmo
sphere by at least 55% with respect to 1990 levels by 2030 [1]. To reach 
this target, fossil fuels must be progressively replaced by renewable 
energy resources. Among the latter, biomass plays a key role as a source 
of renewable carbon and hydrogen through different pathways. Biomass 
anaerobic digestion, i.e. the decomposition of organic matter by bacte
rial action to produce biogas and digestate, has received considerable 
attention in recent years since its total energy request is lower than that 
of other thermochemical conversion processes [2]. In addition, the total 
carbon dioxide emissions of the process are such as to be compensated 
by the CO2 absorbed during the biomass life cycle, keeping net emissions 
close to zero [2]. 

Depending on the kind of biomass fed to the digestor, biogas mainly 
contains methane (55–65%), carbon dioxide (35–45%), trace of 
hydrogen sulphide, hydrogen, ammonia, nitrogen, and it is saturated 
with water vapor [3]. Therefore, prior to use, biogas must undergo 
purification and upgrading treatments in order to remove the undesired 

compounds that can compromise its distribution and downstream uti
lization. The main use of simply purified biogas is related to its com
bustion in combined heat and power (CHP) generators, albeit the total 
system efficiency is penalized by the high CO2 content [4]. To increase 
both methane content and calorific value of purified biogas, the carbon 
dioxide has to be removed in the upgrading phase. To this aim, literature 
suggests several methods, both biological and physicochemical, with the 
latter being actively used on commercial scale (TRL 9) [1,2,5]; but, in 
order to minimize the carbon footprint of the whole process storage 
(CCS) or utilization (CCU) of separated CO2 must be considered. In this 
context, study by Ref. [6], which deal with the migration of new biogas 
upgrading plants from centralized/large-to decentralized/small-scale, 
indicate that CCU is more advisable than CCS [7]. Besides being used as 
fuel, simply purified biogas can be reformed to produce a syngas clas
sified as a green product [8]. 

Today, catalytic steam methane reforming (SRM) is the most com
mon process used to convert CH4 into syngas; but, due to the highly 
endothermic reaction involved, it is a high energy demand process that 
requires heating of the reactor by external combustion, with the 
consequent release of significant CO2 emissions (≈7 kgCO2/kgH2) [9]. An 

* Corresponding author. 
E-mail address: piero.bareschino@unisannio.it (P. Bareschino).  

Contents lists available at ScienceDirect 

Renewable Energy 

journal homepage: www.elsevier.com/locate/renene 

https://doi.org/10.1016/j.renene.2023.05.060 
Received 9 January 2023; Received in revised form 4 May 2023; Accepted 13 May 2023   

mailto:piero.bareschino@unisannio.it
www.sciencedirect.com/science/journal/09601481
https://www.elsevier.com/locate/renene
https://doi.org/10.1016/j.renene.2023.05.060
https://doi.org/10.1016/j.renene.2023.05.060
https://doi.org/10.1016/j.renene.2023.05.060
http://crossmark.crossref.org/dialog/?doi=10.1016/j.renene.2023.05.060&domain=pdf
http://creativecommons.org/licenses/by/4.0/


Renewable Energy 212 (2023) 350–358

351

attractive alternative to SMR, is the autothermal reforming (ATR) pro
cess, where methane and steam are mixed with oxygen so that the 
exothermic methane partial oxidation occur, thus providing the heat for 
endothermic steam reforming reaction and ideally avoiding the need of 
an external energy supply. However, heat management could pose a 
serious challenge and an air separation unit (ASU) is required to supply 
pure oxygen to the system [10]. 

Autothermal Chemical Looping Reforming (a-CLR) is based on two 
interconnected reactors, i.e., the air reactor (AR), in which an oxygen 
carrier (OC) is oxidized undergoing an increase in its temperature, and 
the fuel reactor (FR), where the OC, apart from transferring oxygen, acts 
both as a thermal vector and a reforming catalyst. Consequently, neither 
an ASU nor external heater are required. The most common CLR 
configuration consists of a dual fluidized bed reactor system with a 
bubbling bed serving as fuel reactor (FR) and a riser as air reactor (AR), 
connected via a loop-seal system for avoiding the mixing of the feed 
gases and a cyclone for the particle separation [11]. Different 
oxygen-carriers have been tested in literature, although Ni-based oxy
gen-carriers represent the most widely used having a long lifetime and 
no noticeable reactivity changes over time [12]. 

Several authors have investigated the performances of CLR systems. 
In a 140-kW pilot plant [13], Pröll et al. showed that at low global 
air/fuel ratios the conversion approaches to thermodynamic equilib
rium, with the system performance depending on the steam amount 
needed to prevent carbon deposition. Rydén et al. [14] reported that by 
adding 25%vol of steam to methane there is no accumulation of carbon 
deposits and the composition of the reformer gas is very close to the 
thermodynamical equilibrium one. Later, the same authors [15] 
demonstrated that by substituting the steam with CO2 the formation of 
solid carbon is quite negligible. Ortiz et al. [16] showed that the oxygen 
carrier circulation rate (NiO/CH4 molar ratio) affects the system per
formance, reporting that a NiOreacted/CH4 molar ratio close to 1 is 
needed to maximize the hydrogen production; however, this molar ratio 
is lower than that required to ensure autothermal operation (about 
1.25). 

In all the above-mentioned papers, methane was considered as a fuel, 
its conversion is at or close to the equilibrium, and carbon formation and 
deposition is negligible. Consequently, this suggests that considering a 
less valuable fuel such as biogas in a CLR system is worth investigating. 

Given the high content of carbon dioxide in biogas, dry reforming 
CH4 reaction occurs along with steam reforming and partial oxidation in 
a process known as tri-reforming [17], as summarized in Table 1. 

Literature presents a number of studies on the influence of several 
parameters on biogas reforming processes, most of them having the 
limitation of just considering thermodynamic equilibrium conditions 
[18–21]. Furthermore, to the best of authors’ knowledge, there is no 
literature directly dealing with biogas CLR while there are a number of 
preliminary studies on biogas utilization as a fuel in Chemical Looping 
Combustion (CLC) processes. More specifically, biogas CLC was assessed 
by Hoteit et al. [22] in a batch fluidized bed reactor, and later demon
strated in a CLC unit using a CuMn-based [23] oxygen carrier. More 
recently, Cabello et al. [24] performed a techno-economic analysis of a 
Chemical Looping Combustion process for biogas generated from live
stock farming and agro-industrial waste. Their data showed that CLC can 
be a competitive and sustainable option if captured CO2 was used. On 
the other hand, Kong et al. [25] proposed an iron-based chemical 
looping technology (namely, a Chemical Looping Water Splitting) as an 
alternative pathway for biogas to syngas conversion. Such a process 

exhibited a great level of process intensification, requiring neither up
stream biogas comprehension and purification, nor downstream CO2 
removal and H2 separation. Nevertheless, direct biogas CLR has not been 
thoroughly investigated so far, in particular focusing on the quantitative 
influence of the operating parameters on the process performances. 
Consequently, in the present work a CLR system has been numerically 
investigated considering biogas as a feedstock and Ni/γ-Al2O3 as an 
oxygen carrier. The CO2 content in the feed makes the process more 
energy intensive as dry reforming is more endothermic than steam 
reforming, but the conversion of the biogas CO2 content, as previously 
mentioned, allows to make the balance of its emission in atmosphere 
negative. 

2. Materials and methods 

The proposed DFB system is schematically shown in Fig. 1. In detail, 
the bubbling fluidized bed serving as fuel reactor is divided into two 
zone along its height, namely: i.) the dense zone, which includes the 
solid material and extends from the bottom of the bed up to the height of 
the weir (the dark grey area of FR in Fig. 1) and ii.) the freeboard, in the 
upper part (the white area of FR in Fig. 1), where only gaseous streams 
are present. The solid above the weir is conveyed to the loop-seal 
through a pipe and fed to the air reactor (AR) to be oxidized. The 
loop-seal allows the circulation of the solid from the FR to the base of the 
AR, thus preventing the direct contact of gas streams from the two 

Table 1 
tri-reforming reaction.  

Methane steam reforming CH4 + H2O ↔ 3H2 + CO 
Methane partial oxidation CH4 +

1
2
O2 ↔ 2H2 + CO 

Methane dry reforming CH4 + CO2 ↔ 2H2 + 2CO  Fig. 1. Conceptual scheme of DFB system [26].  
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sections of the system. The air reactor is a riser in which pneumatic 
conveying conditions are established. Before being fed to the reactor, the 
airflow is preheated in a counterflow heat exchanger using the sensible 
heat of the outlet gas from the FR. At the top of AR, the separation of the 
gas (nitrogen and unreacted oxygen) from the solid particles occurs in a 
cyclone. Finally, the solid particles are fed to the fuel reactor trough a 
system composed by a downcomer and a L-valve. More details on the 
considered system can be found in Ref. [26]. 

The system is developed by matching a simple hydrodynamic model 
with a 1D static and isothermal kinetic model and formulated with the 
aim to find out temperature, solids conversion degree, and gaseous 
species concentration at the exit of both Fuel and Air reactors. 

The hydrodynamic model is based on the simultaneous solution of 
the units shown in Fig. 1, namely riser, cyclone, downcomer, L-valve, 
BFB and loop-seal. The governing laws defining each unit and the 
related interconnections are reported in the supplementary material. 
Given the total amount of solid in the system, the pressure at the outlet 
of the cyclone and the BFB, the fluidization gas flow rates in both the 
riser and the BFB, and the aeration gas flow rates in both the L-Valve and 
the loop-seal, the initial solid distribution was calculated. Based on this 
initial condition, the dynamic model was consequently solved to assess 
the solid circulation rate at the steady state. More details on the hy
drodynamic model. 

The kinetic model considered is based on a previous work [26]. 
Table 2 reports the reactive scheme and the enthalpy change associated 
with each of the reactions occurring in the system. The reaction rates 
and kinetic constants of kinetic model are taken from Refs. [27,28]. 

In the AR, considered adiabatic, Ni is oxidized to NiO through the 
reaction R1 (Table 2). In the FR freeboard, only the homogenous water 
gas shift reaction is taken into account since the extents of the uncata
lyzed steam and dry reforming reactions are negligible. The FR is 
assumed to work as an isothermal reactor, with part of the needed 

thermal energy provided by the Ni exothermic oxidation reaction that 
occurs in the AR. When not enough, an external thermal integration to 
this latter is considered. 

The complete numerical model (hydrodynamic and kinetic) is solved 
by using the commercial software package COMSOL Multiphysics®. A 
detailed description of the model and its assumptions, as well as the 
solution procedure, is provided in the supplementary material and 
further details can be found in Ref. [26]. It should be noted that in a CLR 
process, the oxygen-to-fuel ratio must be kept as low as possible to avoid 
complete oxidation of the fuel [7]. This can be accomplished either by 
varying the air-to-fuel ratio (namely, by reducing the air flow rate to the 
AR so to oxidize the OC only partially in the air reactor) or by regulating 
the solids circulation rate (i.e., by increasing the air flow rate to the AR 
over the value corresponding to a fully oxidized OC at the exit of the air 
reactor). In the present work, the latter approach was adopted to ensure 
that the AR always works in dilute transport regime. 

Table 3 reports the operating conditions, the geometrical charac
teristics, and the physical parameters of solid bed materials for the DFB 
system for the base case. The total solid inventory in the system was 
calculated by considering a 15% excess with respect to the minimum 
amount required for the proper operation of the loop-seal, the down
comer, and the L-valve. 

Finally, the syngas yield ηS and the overall thermal efficiency ηTh,O of 
the process were evaluated, respectively, as: 

ηs=
FH2 + Fco

FCH4

(1)  

ηTh,O=
FH2 LHVH2 + FCOLHVco

FCH4 LHVCH4 + Qs
(2)  

where Fi is the molar flow rate and LHVi the lower heating value of the 
ith specie and Qs the thermal integration to isothermically operate the 
FR. 

3. Results and discussion 

Preliminary thermodynamic calculations were carried out by mini
mizing the Gibbs free energy of the system. This allowed not only to 
select values of temperature and pressure more suitable to promote the 
reactants conversion and prevent the side reactions, but also to evaluate 
the influence of the CH4:CO2 ratio and the water content on the equi
librium gaseous compositions at the exit of the FR and the solid carbon 
formation and deposition. 

3.1. Thermodynamic analysis 

Thermodynamic analysis was performed in Aspen Plus® by using the 
R-Gibbs reactor and assuming the ideal gas law to describe the behav
iour of gaseous phase. The model involves two inlets, one containing 
only the fully oxidized oxygen carrier and the other made up of a CH4, 
CO2, and H2O mixture, and two outlet streams, one for the solids 
(including solid carbon) and the other for gaseous species. 

Fig. 2 reports the equilibrium molar fractions of solid carbon and 
gaseous species as a function of either temperature or pressure, for a 

Table 2 
Reactive scheme and related enthalpy variations.  

Oxygen carrier oxidation reaction 

OC oxidation 2Ni+ O2→2NiO ΔH = −

468
kJ

molO2 

R1 

Oxygen carrier reduction reactions 
Methane oxidation CH4 + 2NiO ↔ 2Ni+ 2H2 +

CO2 

ΔH =

162
kJ

molCH4 

R2 

Hydrogen oxidation H2 + NiO ↔ Ni+ H2O ΔH = −

16
kJ

molH2 

R3 

Carbon monoxide 
oxidation 

CO+ NiO ↔ Ni+ CO2 ΔH = −

49
kJ

molCO 

R4 

Methane partial 
oxidation 

CH4 + NiO ↔ Ni+ 2H2 +

CO 
ΔH =

211
kJ

molCH4 

R5 

Reduction reactions catalyzed by Ni 
Methane steam 

reforming 
CH4 + H2O ̅→←̅

Ni 3H2 + CO ΔH =

227
kJ

molCH4 

R6 

Methane dry reforming CH4 + CO2 ̅→←̅
Ni 2H2 + 2CO ΔH =

259
kJ

molCH4 

R7 

Water gas shift CO+ H2O ̅→←̅
Ni H2 + CO2 

ΔH = −

33
kJ

molCO 

R8 

Methane decomposition CH4 ̅→←̅
Ni C+ 2H2 ΔH = 91

kJ
molCH4 

R9 

Carbon gasification by 
steam 

C+ H2O ̅→←̅
Ni H2 + CO ΔH =

136
kJ

molH2O 

R10 

Carbon gasification by 
CO2 

C+ CO2 ̅→←̅
Ni 2CO ΔH =

169
kJ

molCO2  

R11  

Table 3 
Operating conditions, properties of bed material and geometrical characteristics 
of DFB for the base case.  

Operating conditions Geometrical 
characteristics 

Properties of bed material 

W[kg s− 1] 0.0023 DR [m] 0.102 ρp
[
kg m− 3] 2540 

UB
[
m s− 1] 0.2 hR[m] 5.6 dp[m] 2.55⋅10− 4 

UR
[
m s− 1] 3.3 hB [m] 2 εmf [ − ] 0.445 

QLV [m3s− 1] 5.5⋅10− 5 hw[m] 0.3 εBFB[ − ] 0.445 
GS[kg m− 2s− 1] 0.2 DB [m] 0.12 minv[kg] 11.6  
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given value of P (Fig. 2a) or T (Fig. 2b), when no water steam is 
considered. Data show that an increase in the operating temperature 
favours the biogas conversion and the syngas yield for any given pres
sure, as shown in Fig. 3a. Conversely, both biogas conversion and syngas 
yield decrease with an increase in the operating pressure (Fig. 3b) for 
any given temperature. It should be noted that, whatever the operating 
conditions considered, the formation of solid carbon occurs. Although 
carbon deposition does not pose a serious threat in CLR process since 
carbon deposits can be easily burnt in the AR by exploiting its energy 
content [29], the addition of water is required to avoid its formation in 
the FR. Moreover, since carbon formation is strictly connected to the 
CH4:CO2 ratio in biogas, the effects of both steam addition and CH4:CO2 
ratio on carbon formation and deposition will be briefly discussed. 

Regions where carbon formation occurs are reported in Fig. 3, in 
both the (T, YH2O) and the (T, CH4:CO2) space phase. 

The analysis of the surface morphology of the two plots shows 
interesting results. Below each curve in Fig. 3a, i.e., for a given CH4:CO2 
ratio, carbon formation occurs whatever the operating temperature and 
the water steam molar fraction. The same is true above each curve in 
Fig. 3b, i.e., for any given YH2O, whatever the methane-to-carbon dioxide 
ratio and the operating temperature. Consequently, it is mandatory to 
vary the steam-to-carbon or the oxygen-to-carbon ratio to avoid coke 
formation and deposition. 

Given all of the above, an operating pressure equals to 105 Pa, a fed 
molar composition CH4:CO2:H2O ratio equals to 24:16:1 and FR oper
ating temperature equals to 900 ◦C were selected as base case values, as 
summarized in Table 4. 

3.2. Performance analysis 

To highlight the effects of a variation in the operating conditions 
reported in Table 4, on the process performance in terms of CH4 and CO2 
conversion degree and produced gas composition (i.e., components 
molar fractions and H2:CO ratio), a parametric analysis was carried out 
as described in the following. The impact of a change in the oxygen-to- 
fuel ratio was also assessed. It should be noted that the OC conversion 
degree was higher than 99% in all the considered conditions. 

3.2.1. Influence of TFR 
The effects of a variation in the FR operating temperature on the gas 

composition at the fuel reactor exit are reported in Fig. 4. It results that, 
increasing the TFR, H2 and CO molar fractions slightly increase, while 
YCH4, YH2O, and YCO2 a little decrease. However, whatever the consid
ered TFR, gas molar fractions at the exit of the FR are close to thermo
dynamic equilibrium. 

Fig. 2. Equilibrium molar fraction for CH4:CO2 = 3:2 as a function of operating T and P for a given value of P (a) and T(b).  

Fig. 3. Carbon formation regions as a function of operating temperature T, H2O molar fraction (a) and CH4:CO2 ratio (b) parametric in CH4:CO2 ratio and YH2O, 
respectively. 

Table 4 
Additional operating conditions for the base case.  

Operating conditions 

P[Pa] 105 

T[◦C] 900 
YCH4 [ − ] 0.48 
YCO2 [ − ] 0.32 
YH2O[ − ] 0.20  
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Fig. 5 reports CH4 and CO2 conversion degree (Fig. 5a) and H2:CO 
syngas ratio, SR (Fig. 5b), as a function of FR operating temperature. 
Noteworthy, SR decreases as TFR increases and reaches a minimum at 
900 ◦C. This behaviour is due to the activation of homogenous WGS 
reaction (R8) in the freeboard of the FR. Although high temperatures 
favour the reverse WGS reaction, the concentration of water steam being 
higher than that of carbon dioxide shifts the reaction towards the direct 
direction. The combined effect of an increase in TFR on both the endo
thermic reactions and the activation of R8 is clearly visible in Fig. 5a: the 
conversion of methane increases steadily with the temperature, while 
the conversion of carbon dioxide slows down to decrease above 950 ◦C. 
As a consequence, more H2 than CO is produced and the SR increases as 
the FR operating temperature exceeds 900 ◦C. 

Operating at a higher temperature is optimal to maximize methane 
conversion and reducing coke formation. However, high temperatures 
constitute a rather severe condition from the catalyst stability stand
point; in addition, the thermal power required for the isothermal oper
ation of the FR increases with TFR as reported by Ref. [30]. The presence 
of CO2 in the FR feed makes the system even more energy intensive. 
Altogether, it can be concluded that assuming an operating temperature 

of 900 ◦C for the FR represents a good compromise between the two 
aspects mentioned above. 

3.2.2. Influence of oxygen-to-fuel ratio 
Changing the height of the weir, while keeping constant the fluid

ization gas velocity in the FR, results in a variation not only in the gas 
phase residence time but also in the oxygen-to-fuel ratio. Actually, 
increasing hW results in the rise of the FR solid inventory and this, in 
turn, decreases the circulating solid flow rate, so that the oxygen 
transported from the AR to the FR by OC decreases too. This results in an 
increase in both the hydrogen and carbon monoxide molar fractions, as 
shown in Fig. 6a, as well as in the rise of the CH4 and CO2 conversion 
degree (Fig. 6b). The syngas H2:CO ratio was close to 1.4, whatever the 
weir height considered. 

Changing the FR diameter, while keeping constant the fluidization 
gas velocity in the fuel reactor, ensures a variation in oxygen-to-fuel 
ratio, but keeps the gas residence time unchanged. However, it should 
be noted that the solid inventory in the FR changes as the square of DB, 
while it varies linearly with hW. The resulting noticeable decrease in the 
circulating solid flow rate leads to a lower oxygen concentration avail
able in the FR. The reaction rates of non-catalytic reduction reactions 
(R2-R5) consequently decrease and, hence, a lower conversion degree of 
CH4 and a higher conversion degree of CO2, with respect to the base 
case, were detected as DB increases (Fig. 7b). The SR was 1.4 whatever 
the considered reactor diameter. 

Finally, the effect of the change in oxygen-to-fuel ratio caused by a 
variation in the circulating solids mass flux (GS), was also taken into 
account. As a matter of the fact, the NiO-to-CH4 ratio increases with the 
OC circulation rate in the FR, as well as the reaction rates of non- 
catalytic reduction reactions (R2-R5). Consequently, more and more 
CO2 and H2O are produced as GS increases (Fig. 8a). In terms of con
version degree (Fig. 8b), although XCH4 approaches 1 as the circulating 
solids mass flux increases, an abrupt reduction in XCO2 can be observed. 

3.2.3. Influence of steam-to-carbon ratio 
In order to assess the effects of a variation in the steam-to-carbon 

ratio, it was considered the change in the steam content with respect 
to the base case, while keeping the CH4:CO2 ratio constant. Fig. 9 reports 
the gas molar fractions Yi at the exit of the FR (Fig. 9a), the CH4 and CO2 
conversion degree Xi (Fig. 9b), and the H2:CO syngas ratio SR (Fig. 9c) as 
a function of YH2O. Data show that increasing the steam content in the 
feed results in a rise of the methane conversion degree (Fig. 9b) via 
steam methane reforming reaction (R6). At the same time, XCO2 de
creases since R6 prevails over dry methane reforming. Both H2 and CO 
molar fractions decreases (Fig. 9a), but to a different extent, given that 
the R6 reaction produces three times more hydrogen than carbon 
monoxide. Finally, by doubling the water molar fraction, the SR goes 

Fig. 4. Calculated (dots) and equilibrium (lines) gas molar fractions at the exit 
of the FR as function of temperature. 

Fig. 5. CH4 and CO2 conversion degree (a) and H2:CO syngas ratio (b) as a function of FR operating temperature.  
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from 1.4 to about 1.8 (Fig. 9c). The proposed rationale is supported by 
the finding that the thermal power needed to endure isothermal oper
ation of the FR decreases as the water content in the feed increases, 
given the less endothermicity of the steam reforming reaction (R6) over 
the dry reforming one (R7). Since having high XCO2 at the exit makes 
carbon dioxide emissions negative for the proposed process, the adop
tion of a low steam-to-carbon ratio maximizes the CO2 conversion de
gree, whatever the operating condition considered, while minimizing 
the SR. 

For a fixed YH2O = 0.20 in the feed, different CH4:CO2 ratios in the 

range 1:1 ÷ 5:3 were considered. Fig. 10 reports gas molar fractions Yi at 
the exit of the FR (Fig. 10a), the CH4 and CO2 conversion degrees Xi 
(Fig. 10b), and the H2:CO syngas ratio SR (Fig. 10c) as a function of CH4: 
CO2 ratio. It results that increasing the methane over carbon dioxide 
content in the feed increases the hydrogen molar fraction with small 
variations in YCO, whereas both YH2O and YCO2 decreases (Fig. 10a), 
Accordingly, methane conversion degree decreases, while that of carbon 
dioxide increases (Fig. 10b). The syngas ratio grows linearly as the 
methane content in the FR fed increases (Fig. 10c). The required thermal 
power also increases since more methane must be catalytically 

Fig. 6. Gas molar fractions (a) and conversion degrees (b) as a function of weir height.  

Fig. 7. Gas molar fractions (a) and conversion degrees (b) as a function of fuel reactor diameter DB.  

Fig. 8. Gas molar fractions (a), conversion degrees (b), and SR (c) as a function of circulating solid mass flux GS.  
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converted by the endothermic reactions (R2, R5-R7). 
As a final point, the syngas yield and the overall thermal efficiency 

were evaluated according to Eq.s (1) and (2) for the investigated 

operating conditions. Calculated values are reported in Table 5. 
Syngas yield ranges from 2.74 up to 3.74. The lowest ηS value is 

reached when the highest circulating solids mass flux is considered, 
consistently with the production of more and more CO2 and H2O 
(instead of CO and H2) assessed with increasing GS values. Under the 
same operating conditions, the lowest overall thermal efficiency value 
was evaluated too. The highest syngas yield was assessed when a CH4: 
CO2 ratio equal to 1 in the feed was considered. Correspondingly, a ηTh,O 

value of 0.53 was calculated. 

4. Conclusion 

In this work, the CLR of biogas to syngas in a dual circulating flu
idized bed reactor was proposed and numerically investigated. The main 
findings of the simulations based on the purpose-built coupled kinetic 
and hydrodynamic model as well as that from the ancillary carried out 
thermodynamic analysis can be summarized as follows. The process 
performances, in terms of biogas conversion and SR, are weakly influ
enced by the Fuel Reactor temperature over the range of values inves
tigated (800 ◦C–1000 ◦C), whereas a strong dependence on the 
composition of the reagent mixture is observed. 

The increase in the feed water content promotes the steam over the 
dry reforming reaction, therefore the thermal power needed to ensure 
isothermal operation of the FR decreases; at the same time, the con
version of carbon dioxide decreases, while the SR increases. The 
hydrogen yield moves from 2.1 to 2.37 for a steam-to-carbon ratio 
increasing from 0.9 to 2.4. Likewise, it results that a variation in the 
biogas methane-to-carbon dioxide ratio (CH4:CO2) from 1:1 to 5:3, at a 
fixed water fraction into the reactant mixture, results in an increase in 
the hydrogen molar fraction, while the CO fraction stays substantially 
constant. At the same time, the conversion of methane decreases 
slightly, but remains equal to 90%, while that of carbon dioxide 

Fig. 9. Gas molar fractions (a), conversion degrees (b), and syngas H2:CO ratio (c) as a function of H2O molar fraction. CH4:CO2 = 3:2.  

Fig. 10. Gas molar fractions (a), conversion degrees (b), and syngas H2:CO ratio (c) as a function of CH4:CO2 ratio. YH2O = 0.2.  

Table 5 
Syngas yield and overall thermal efficiency for different values of investi
gated parameters. All the other operating conditions are those reported in 
Tables 3 and 4   

ηS [− ] ηTh,O [− ] 

TFR [◦C] 
800 3.43 0.52 
850 3.50 0.52 
900 3.58 0.52 
950 3.67 0.53 
1000 3.73 0.53 
hW [m] 
0.2 3.44 0.51 
0.3 3.58 0.52 
0.4 3.68 0.53 
DB [m] 
0.1 3.56 0.52 
0.15 3.60 0.53 
0.2 3.61 0.53 
Gs [kg/(m2s)] 
0.09 3.63 0.53 
0.92 3.26 0.49 
1.84 2.74 0.43 
YH2O [¡] 
0.2 3.58 0.52 
0.3 3.64 0.53 
0.4 3.72 0.53 
CH4:CO2 [-] 
1:1 3.74 0.53 
3:2 3.58 0.52 
5:3 3.52 0.52  
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increases. Depending on biogas CH4:CO2 ratio and the amount of steam 
fed, it is possible to obtain a syngas with a H2:CO ratio variable between 
1.2 and 1.8. This, in turn, makes the proposed process suitable to pro
vide an intermediate exploitable in many industrial applications, such as 
the oxo-synthesis or hydroformylation (H2:CO = 1:1), the dimethyl 
ether production (H2:CO = 1:1), and the acetic acid synthesis (H2:CO =
1:1). The upgrading of the obtained syngas to higher SR ratios in a 
separate water gas shift process is, instead, required for the synthesis of 
Fischer-Tropsch transportation fuels (H2:CO = 2:1) and methanol (H2: 
CO = 2:1). 

Finally, results highlighted that very high conversion degree for both 
methane (93%) and carbon dioxide (87%) can be achieved by suitably 
setting the geometry of the FR. 

Overall, the results of this study suggest that biogas is not only 
suitable for direct conversion into syngas, but can be an important 
precursory of a wide variety of valuable chemical intermediates/end- 
products. 
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[13] T. Pröll, J. Bolhàr-Nordenkampf, P. Kolbitsch, H. Hofbauer, Syngas and a separate 
nitrogen/argon stream via chemical looping reforming – a 140kW pilot plant 
study, Fuel 89 (2010) 1249–1256, https://doi.org/10.1016/j.fuel.2009.09.033. 

[14] M. Rydén, A. Lyngfelt, T. Mattisson, Synthesis gas generation by chemical-looping 
reforming in a continuously operating laboratory reactor, Fuel 85 (2006) 
1631–1641, https://doi.org/10.1016/j.fuel.2006.02.004. 

[15] M. Rydén, A. Lyngfelt, T. Mattisson, Chemical-looping combustion and chemical- 
looping reforming in a circulating fluidized-bed reactor using Ni-based oxygen 
carriers, Energy Fuel. 22 (2008) 2585–2597, https://doi.org/10.1021/ef800065m. 

[16] M. Ortiz, L.F. de Diego, A. Abad, F. García-Labiano, P. Gayán, J. Adánez, Hydrogen 
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[23] I. Adánez-Rubio, A. Nilsson, M.T. Izquierdo, T. Mendiara, A. Abad, J. Adánez, Cu- 
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